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ABSTRACT
This investigation was concerned with the effects of. coal properties and
processing variables on cleaning performance in a fluidized bed dry coal purifier.
The coal cleaning experiments were carried out on Rushton and Upper Freeport
coals for various size fractions. Magnetite was used as the host bed material.
Predictions of the segregation behavior of the bed under different process variables
were obtained by using a theoretical model which had been developed by
Kozanoglu [22]. The performance of the coal cleaning process was measured with
the aid of sulfur and ash removal efficiencies and generalized distribution curves.
Previous experimental results and those obtained in this study show that
coal particle sizes smaller than 30 mesh and larger than 140 mesh can be cleaned
with high efficiency in the fluidized bed separator. For coal particle sizes smaller
than 140 mesh, bed slugging and channelling occurred due to high interparticle
cohesive forc~, and this resulted in relatively poor cleaning performance. The
results also indicated that the fluidized bed should be operated with shallow bed
depths with processing times of 30 seconds or more. Experiments were also
performed to determine the optimum values of superficial air velocity and the
effect of feed weight ratio of coal to magnetite on cleaning performance.
1
INTRODUCTION
Coal which is used for several purposes in industry is one of the most
important and highly available sources of energy all around the world. Due to
recent strict goverment restrictions on emissions of harmful sulfur containing gases
and ash into the atmosphere, the availability of low cost coal cleaning methods
has become particularly important. The levels of associated impurities such as ash
and pyritic sulfur should be reduced by coal cleaning for several reasons. First,
burning of the coal should be performed in an enviromentally safe manner.
Secondly, the carbon concentration of the coal should be kept high in order to
increase the gross calorific value and decrease the weight which must be handled
and transported. In addition, waste disposal expenses should be reduced.
The impurities in coal can be divided into two categories. They are sulfur
I
and ash, both of w~ich can be subdivided into two classes. Of these, the organic
impurities, which are structurally part of the coal cannot be removed by using
physical cleaning methods since they are chemically bonded to the coal. However,
it is possible to reduce the level of inorganic impurities from coal with physical
methods [25].
Sulfur which determines the utilization of coal as a clean coal fuel is the
most important single element found in coal. Typical sulfur. contents of coals are
in the range of 0.1 to 3.0 percent by weight. The inorganic sulfur, which is called
pyritic sulfur,!occurs in coal in the form of discrete and macroscopic particles. It
has a specific gravity of about 5.0, whereas the organic part of the coal has a
maximum specific gravity of about 1.8. Pyritic sulfur can be reduced from coal
2
first by crushing the coal and then by applying a mechanical cleaning method.
Organic sulfur, which is defined as an integral part of the coal matrix and is
chemically bonded to coal, generally constitutes between 30 and 70 percent of the
total sulfur by weight. It can be removed from the coal if a chemical treatment is
applied to break the chemical bonds. The amount of' the organic sulfur
determines the theoretical lowest limit at which a coal can be cleaned by physical
methods. In general, pyritic sulfur is non-uniformly distributed in a coal seam. In
contrast, the organic sulfur remains relatively uniform for a given seam [25].
Removal of pyritic sulfur by physical methods is the lowest in cost and has
the most developed technology. One of the available class of methods in industrial
applications is wet cleaning, which utilizes water or a heavy media. In this
technique, water is slurried with coal after the coal is crushed. Then the high
density pyrite and ash are reduced from the product coal. There are some
disadvantages of wet cleaning techniques. The need for dewatering of the coal
prior to combustion or transportation, contribution to water pollution, freezing
during shipment and storage, difficulty of flow in hoppers and bins, the need for
extensive facilities for water clarification can be counted as the most important
ones. Also, in some regions the use of water as a processing medium is often
restricted. However, air actuated (dry) processes are also available to reduce
impurities from crushed coal. They have some significant advantages that make
them applicable; simpler equipment, elimination of drying and waste water
disposal cycles.
A cleaning system which uses magnetite or other particulate solids with air
combines the good separating capabilities of heavy media with the advantages of a
3
dry cleaning process. Throughout this study, an air fluidized bed separator with
magnetite particles was used to clean fine coal particles. In this process, the coal is
crushed and separated into 'several size fractions and is loaded onto the fluidized
bed with magnetite, which acts as a buffer to enhance the segregation. Then it is
fluidized with superficial air velocities which are slightly above the minimum
bubbling velocity. Due to the bubbling action in the bed, a density and size
separation occurs where the relatively clean coal product rises to the free surface
of the bed and the denser and larger particles of the feed coal settle towards the
distributor.
The focus of this study was to determine the most favorable process
conditons for a strongly segregated bed of particles of coal and magnetite.
Experiments were performed with Rushton and Upper Freeport coals for several
size fractions to determine the effects of process variables and the effect of coal
particle size and coal type on sulfur removal efficiency. The process variables
which control. the settling and mixing in the fluidized bed can be summarized as
settled bed depth, superficial air velocity, coal to magnetite feed weight ratio, the
processing time and the size of the host material. A computer model developed
previously by Kozanoglu [22] was used to predict the behavior of coal in the
fluidized bed and determine how the process variables affect the efficiency of the
cleaning process. Then, the experiments were performed to examine coal cleaning
performance for the range of processing conditons suggested by this computer
model. The results on cleaning performance were described in terms of vertical
distribution of ash and sulfur, removal efficiency of ash and sulfur, energy recovery
and the generalized distribution curves.
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2. GENERAL FEATURES OF FLUIDIZED BEDS
2.1. The Concept of Fluidization
Fluidization is a process in which fine solids are transformed into a fluid-
like state through contact with a vertical upward liquid or gas flow. A fluidized
bed is obtained by the fluidization of a bed of particles which are supported on a
distributor. At low flow rates, the fluid flows through the voids between the
particles, which are stationery and in contact with each other and this is referred
to as a packed bed. At higher flow rates, the particles begin to move apart and
some vibrate and move about locally within the bed. If the gas flow rate upward
through a packed bed of particles is increased to sufficiently high values, a critical
flow rate is reached where the voids between the particles increase. Then, the bed
expands and the particles begin to mix in a chaotic manner, somewhat resembling
a boiling liquid. This transition from a packed to a fluidized state is referred to as
minimum fluidization [22]. Figure 2.1 shows bed expansion during fluidization.
.
In this process, depending on the type of the fluidized bed, beds are
referred to as either liquid-fluidized or gas-fluidized beds. Figure 2.2 shows a
schematic of the fluidized bed.
As long as there is a clearly defined upper surface to the bed, both gas and
liquid fluidized beds are considered to be dense phase fluidized beds. However, at
sufficiently high flow rates, the solids are carried out of the bed with the fluid
stream. This state is defined as dilute or lean phase fluidization.
At gas velocities above Umr' some of the gas flows through the bed as
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pockets of gas referred to as bubbles. The motion of the bubbles leads to :
• Rapid solids mixing,
• Good solids-gas contacting,
• Axial uniformity in temperature and composition.
These properties make fluidized beds useful for the following operations :
• Chemical reactions,
• Heat' exchange,
• Mass transfer,
• Solids blending.
Typical applications include:
• Catalytic cracking of petroleum,
• Coal combustion,
• Coal gasification,
• Catalytic synthesis,
• Solids drying,
• Coating of solids,
• Heat treating,
• Waste heat recovery from gases,
• Ore roasting,
• Coal cleaning.
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2.2.Characteristics of Particles
It is well known that the density, size and the size distribution of the
particles affect the behavior of abed of fluidized particles. It is found that with
decreasing particle size and density, the minimum fluidization velocity decreases
and the bed expansion ratio increases.
2.2.1. Size and Shape of Particles
During the fluidization process, particles of any shape can be used.
Different descriptions are used to define the size of nonspherical particles. The
following definitions can be presented for fluidized beds :
• dp = Sieve size; the width of the smallest square opening through which
the particles pass.
• ds = Surface diameter the diameter of a sphere having the same
surface area as the particle.
• dv = Volume diameter the diameter of a sphere having the same
volume as the particle.
• dsv = Surface/Volume diameter ; the diameter of a sphere having the
same external surface/volume ratio as the particle.
The sieve size, d p can be determined by using various types of standard
size screen tests. Among the sets of standard size sieves, Tyler Standard Screens
are the most common ones. Table 2.1 shows a listing of mesh numbers and
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corresponding aperture sizes.
Screen analysis approximates d v for irregular (nearly spherical) partiCles.
For regular, nonspherical particles it overestimates (like" rods and slivers) or
underestimates (like flakes and disks) dv . For highly irregular particles, it
overestimates dv [ 1].
The particles in a bulk solid may have irregular shapes rather than being
spherical. The characteristic shape of the particles has a significant effect on the
packing and flow behavior inside the bed. The sphericity, a commonly used
quantitive shape factor to indicate the shape of the particles, can be defined as
how much the particle ·shape deviates from the spherical shape. More details
concerning sphericity will be given in Section 2.3.1.
2.2.2. Particle and Bulk Density
The density of a particle can be defined as the mass of the particle divided
by the volume occupied by the particle as follows :
mp
Pp = Vp (2.1)
The bulk density, which includes the voids between the particles, is defined
as the total mass of the material divided by its total volume (including particles
and voids).
msolids + mvoids
Ph = Vsolids + Vvoids
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(2.2)
Bulk density can be related to particle density Pp, the fluid density Pf and
void fraction e as follows:
:'.'.
(2.3)
Equation 2.3 is simplified into the following form for dry bulk solids where
the void spaces are occupied by air:
Pb = Pp (1-e)
2.2.3. Average Particle Size And Distribution
(2.4)
In practical applications of fluidization, it is highly probable that the size
of the solids forming the bed are not uniform. It is essential to determine the
particle size distribution and the average size of the solids. In a bulk mass of solids
consisting of spherical particles of different sizes, the average surface/volume
diameter can be introduced to indicate the average size of the particles. This can
be expressed as follows :
dsv =
or
'" N. d.3LJ 1 1
i-I
'" N. d.2 -LJ 1 1
i=1
(2.5)
dsv -
9
(2.6)
where N is the number of particles with the size d, and x is the weight fraction of
particles in each size range.
2.2.4. Characterization of Fluidized Powders
Fluidized powders can be classified with respect to their fluidizing
behaviour. Geldart [2] has probably made the greatest contribution to the
investigation of the fluidization characteristics of different types of particulate
solids. Geldart showed that powder materials (or solids) can be categorized into
four general groups, characterized by the difference in the densities of the solid
and the gas phase, and by the mean particle size. Figure 2.3 shows the Geldart
Powder Classification Diagram. The features of these groups can be presented as
follows:
• Geldart's " Group A " materials : This group generally includes
materials with a small particle size and/or low particle density (less than 1400
kg/m3). Powders in this group show considerable bed expansion between the
minimum fluidization velocity and the minimum bubbling velocity where
Umb/Umf > 1. These powders are slightly cohesive. At velocities above Umb the
bed bubbles freely, and all the bubbles rise more rapidly than the interstitial gas
velocity. A maximum bubble size does appear to exist and at higher velocities
slugging tends to occur. As the superficial gas velocity Uo is further increased and
slug flow breaks down into a turbulent regime•
• Geldart's " Group B " materials : In general, this group contains
materials mainly in the mean particle size and density ranges from 40 to 500 pm
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and 1400 to 4000 kg/m3. Unlike Group A powders, interparticle forces are
negligible. The typical model of fluidized bed behaviour can be represented by the
above mentioned. The bed expansion is small and bubbling occurs slightly above
minimum fluidization velocity where Umb/Umf~ 1 . As the velocity increases,
bubble size increases and coalesence occurs. The bed bubbles freely and eventually
it tends to form slug flow at very high superficial gas velocities.
• Geldart's " Group C " materials: Cohesive powders are included in this
group. They are difficult to fluidize at a satisfactory level because of high
interparticle forces resulting from very small particle size and electrostatic effects
on high moisture content. Poor particle mixing with the gas forming channels and
rising as a plug in small diameter columns are typical of Group C powders. The
use of mecha~ical vibrators or stirrers to break up the stable channels can result
in some success in fluidizing this type of material.
\ • Geldart's " Group D " materials: This group usually includes materials
of large mean particle size and/or high particle density. Fluidization behavior is
similar to that of Group B powders, but Group D materials can be made to spout
if the gas is admitted in a central nozzle. Segregation by size is likely to occur
when the size distribution is wide.
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2.3. Characteristics of Packed and Fluidized Beds
2.3.1. Sphericity
Generally, fluidized bed particles are irregular in shape, rather than being
spherical. Characterization of shape using the concept of sphericity can be
explained as:
surface area of sphere
t/J = surface area of particle (2.7)
For particles, such as sand, coal and iron catalyst, 0.5 < t/J < 0.9.
2.3.2. Packed bed a P
Consider a packed bed of solids as shown in Figure 2.3. The pressure drop
across the bed, due to gas flowing through the bed with a flow rate
m = Pg Uo A
can be expressed by Ergun's equation [ 3 ].
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(2.8)
(2.9)
The voidage is defined as :
e - Volume of voids _ 1- Volume occupied by solids
- Total bed volume - Total bed volume
2.3.3. Fluidized bed a P
(2.10)
Beyond minimum fluidization, the pressure drop due to the bed of fluidized
solids is :
11 P = Lmf ( 1- emf ) ( Ps - Pg ) (2.11)
Note that the pressure varies linearly through the bed and that I1P is
independent of the gas flow rate.
2.3.4. Minimum Fluidization Velocity
Umf is obtained by equating equations 2.9 and 2.11 for I1P •
dp 3 Pg(ps - pg}g
= 2
1J
(2.12)
By using the Wen and Yu approximations [4],
=11 (2.13)
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the criterion for Umf becomes,
For small particles, the following simplified relation can be given :
(2.14)
Umf =
dp2 (Ps-Pg) g
1650Pf Rep < 20 (2.15)
For large particles the relation takes the following form :
where,
Psuodp
Rep= Pf
Rep> 1000 (2.16)
(2.17)
Woodcock and Mason [5] give an expression for minimum fluidization
velocity by taking into account fluidization with air at normal ambient pressure
and temperature as follows:
(2.18)
They suggest a value of C of 420 to give reasonable prediction of Umf for a range
of different powders from around 50 pm to 500 pm. Then the equation takes the
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following form :
(2.19) .
where Umf is in mfs, Ps in kgfm3 and dp is in meters.
2.3.5. Terminal Velocity
At sufficiently high gas velocities, the aerodynamic drag on the particles
can be large enough to carry the particles from the system. This process is
referred to as elutriation. A rough estimate of the gas velocity needed to cause
elutriation can be obtained from the terminal velocity.
Consider a spherical particle of weight mg and diameter d suspended in a gas
stream by the upward drag of the gas. For static equilibrium
Solving for terminal velocity UT ,
U _( 4 g d ( Ps-Pg »)1/2
T - 3 COPg
(2.20)
(2.21)
The relationship between terminal velocity, UT and Urnf is shown in
Figure 2.4 which indicates that for fine solids UT/Umf = 80 and for large solids
UT /Umf=9. Figure 2.4 shows the ratio of terminal velocity to incipient fluidizing
velocity with £mf = 0.4 [3].
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2.3.6. Regimes of Fluidization
Depending on. particle size and .density, gas pressure and temperature,
fluidizing velocity, bed depth, bed diameter, and grid construction, beds of
particles can be operated in a variety of different flow regimes. These include the
bubbly regime, slug flow and a high velocity turbulent flow regimes where there
are no well defined bubbles or slugs (see Figure 2.5). Staub and Canada [6] and
others have developed flow regime maps which are shown in Figure 2.6 from
reference [6].
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2.4. Bubbles in Fluidized Beds
2.4.1. Hydrodynamics of Bubbling Fluidized Beds
Gas fluidized beds are usually operated at conditions where the excess gas
flows upwards in the form of gas voids or bubbles, and these bubbles dominate the
behavior of the fluidized bed.
Bubbles, which are particle-lean regions, are dispersed in a continuous
phase of fluidized particles. The continuous phase is referred as the dense,
particulate or emulsion phase while the rising void regions containing virtually no
bed particles are referred to as the bubble phase or lean phase. The rising voids
are referred to as bubbles if their dimensions are less than that of the bed or slugs
if their dimensions are close to that of the bed.
The bubbles cause the motion of the emulsion phase and they are the main
source of solids mixing in bubbling fluidized beds. Therefore, it is esential to
understand the behavior of the bubble phase in fluidized beds.
2.4.2. Bubble Shape
As shown in Figure 2.7, bubbles are approximately spherical over the front
surface, but the ~ear portion is intended. This shape is typical of bubbles in beds
of particles of Geldart type A and B. There are some correlations for wake angle
(8w) and wake fraction (fw) proposed in the literature by Clift et ale [16] as
follows:
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where,
Ow - 50 + 190 exp (- 0.62 RebO.4 ) (2.22)
Reb (2.23)
This last Ow equation was originally derived for liquids, but it is applicable
to bubbles in fluidized beds. Rowe and Partridge [7] proposed the following
correlation for Ow and fw :
tPw =70 ( db - 1 )
where
1.0 < db (cm ) < 3.0
and
(2.24)
(2.25)
fw -
2 + 3CosOw - Cos3 0w
2 - 3CosOw+ Cos3 (Jw
(2.26)
There are very little data available in the literature for the wake fraction
of small bubbles. Wake fraction can be defined in the following way:
(2.27)
Kozanoglu and Basesme [22] and [18] carried out a series of experiments
with 5 different sizes of particles and various sizes of bubbles. These results are
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given in Table 2.2 by taking into account the following correlation :
80 and al are arbitrary constants which are defined as follows:
ao - 0.78 + 0.076 dp
and
dp-l.l03. a1 - 389.9
2.4.3. Inital Bubble Size
(2.28)
(2.29)
(2.30)
Bubbles originate at the distributor as gas is injected into the bed. At low
flow rates through the distributor, the excess gas flow is formed into discrete
bubbles. At higher flow rates, the gas will form cavities resembling jets or spouts.
Harrison and Leung [9] studied the case of bubble formation at low velocities
in an orifice. They assumed that as the bubble forms, it displaces the bed material
upward and a balance exists between the buoyancy force and the inertia of the
material surrounding the bubble. By using this assumption, they obtained :
(2.31)
This model seems to work well at low velocities.
Initial bubble size generally will be determined by :
• Type of gas distributor,
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• Gas flow rate,
• Properties of the solids.
One of the correlations for calculating initial bubble diameter (Deo) is
given by Miwa [ 7 ] as follows:
and
for perforated plates (2.32)
for porous plates (2.33)
The other important correlations for D eo' which are proposed by other
researchers, are given in Table 2.3.
2.4.4. Theoretical approach for initial bubble size
Deo is estimated from the theoretically-derived equation of Davidson and
Schuler [8] as follows:
D _ ( 6 )2/5 G
2/S
BO - 1i' 115
9
and
For this theoretical approach, the following assumptions are made:
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(2.34)
(2.35)
• The bubble is spherical at all times during the formation process,
• Upward motion is determined by a balance between the buoyancy force
and the upward mass acceleration of the fluid surrounding the bubble. Thus, the
equation of upward motion is :
(2.36)
• The flow around the bubble is assumed to be irrotational. (Potential
theory is valid.)
• The effective inertia of the surrounding fluid has been taken as (llpV /
16.)
• The upward momentum of the gas leaving the orifice is negligible.
2.4.5. The Maximum Attainable Bubble Diameter
Several factors can contribute to limiting bubble size in a bed.
• For deep and small diameter beds with L/Dbed » 1, slugging develops
when Dbubble approaches D bed• The bubble rise velocity is governed by the bed
diameter rather than the bubble diameter when Dbubble/Dbed = 1/3.
• Harrison [9] hypothesized that if the absolute velocity of the gas flowing
through the bubble exceeds the particle terminal velocity, particles are drawn into
the bubble and cause the bubble break up.
• The bubble roof is also unstable to disturbances, leading to bubble
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splitting and fragmentation. ,
DBM is a fictitious bubble diameter that would exist in a fluidized bed if
all the fluidizing gas above that required for minimum fluidization went to form a
single train of bubbles rising along the centerline of the bed.
Consider bubbles of diameter DBM traveling up the centerline of the bed.
The distance between these bubbles can be represented as :
(2.38)
(2.39)
The value Q= 4.0 gives the best fit and the equation takes the following form :
(2.40)
Miwa et al [ 8 ] suggested that the ratio
(2.41)
varies exponentially with the height above the distributor. Also Werther [9]
showed that bubbles are swept towards the centerline of the fluidized bed and
hence the degree of coalescence is a function of the dimensionless height h/Dt.
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Then, Mori and Wen [10] assumed the following correlation:
- k h/Dt
e (2.42)
They found out that k should be a constant, with the best fit obtained for k=0.3.
2.4.6. Minimum Bubbling Velocity
Some systems, particularly fluidized beds of fine powders, exhibit a unique
type of behavior above the minimum fluidization velocity. These beds expand
without the formation of bubbles. The highest superficial velocity for this
particular state corresponds to the appearance of the first bubble. At greater
superficial velocities, the excess fluid tends to pass through the bed as a series of
bubbles.
The minimum bubbling velocity can be determined by visual observation.
However, the uncertainity introduced by this kind of measurement can be
significant due to wall effects and/or possible non-uniformities in air flow
distribution, creating preferential bubbling spots, so that a few bubbles may be
observed while the bed is still expanding. Some empirical correlations for Umb are
given by Cheremisinoff [11].
One of the the proposed correlations for the minimum bubbling velocity Umb,
is by AbrahaIJ;lsen and Geldart [12] which relates Umb to the gas and particle
properties in the following way :
Umb =2.07 exp (0.716 F)
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(2.43)
where F is the mass fraction of the particles less than 45 pm. The numerical
constant is dimensional and 51 units must be used.
2.4.7. Bubble Rise Velocity
In an incipiently fluidized bed (Uo = Umf), the bubble rises through the
bed with the velocity
1/2Ubr = K (g Db) (2.44)
where K is a constant with a value in the range of 0.57 to 0.85. If Db is taken to
be the diameter of a sphere with the same volume as the actual bubble, the
expression takes the following form:
(2.45)
At superficial gas velocities (Uo ) in excess of Umf, the absolute rise velocity of
the bubble can be approximated by :
(2.46)
This expression is based on the Two Phase Theory of Fluidization which assumes :
• Dense phase (emulsion) is at (mi,
• Gas velocity in dense phase is Umf,
• Gas flow in excess of Umf flows through the bubbles.
24
In a slugging bed, the absolute rise velocity of the slugs can be
approximated by the following :
1/2U = UO-Umf + 0.35 (g D)
2.4.8. Two Phase Flow Theory
(2.47)
The theory of bubbles will be described in this section in order to bring an
understanding to the concept. A postulate by Toomey and Johnson [13] which has
become known as the two-phase theory of fluidization proposes that the flow in
excess of that required for minimum fluidization
(2.48)
is carried up as bubbles. According to this theory excess gas flow can be written
as,
(2.49)
therefore,
(2.50)
and bubble rise velocity is given by Nicklin [ 17] as:
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(2.51)
2.4.9. Bubble Growth Models
Bubble grow in a fluidized bed is due to both pressure variation and
coalesence. After forming at the distributor, the bubbles rise, collide and coalesce
to form larger bubbles. Figure 2.8 [7] represents such a coalesence process of two
bubbles viewed in the reference frame of the larger and faster moving bubble. The
coalescence and growth of bubbles leads to a vertical distribution of sizes.
Various correlations for estimating bubble diameters in fluidized beds have
appeared in the literature and the list of these models is given in Table 2.3.
One of the bubble growth models, proposed by Mori and Wen [10], is
described in this work. The Mori and Wen Model was statistically determined
from more than 400 data points from various investigators. At the same time, it is
the only bubble growth model which includes the effect of bed diameter. In the
Mori and Wen [10] Model, initial bubble diameter, DBO' for a porous plate
distributor can be evaluated from the following:
Maximum attainable bubble diameter, D BM can be calculated from
DBM = 0.652 [A (Uo - Umf) 1°·62
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(2.52)
(2.53)
The equivalent bubble diameter can be correlated in terms of initial bubble
. diameter, maximum attainable bubble diameter, bed diameter and elevation above
the distributor such as :
(2.54)
The form of the Mori and Wen [10] model given here is in 51 units.
2.4.10. Gas Flow Through Bubbles
Davidson [3], Murray, and others have developed bubble models which can
be used to estimate quantities such as the flow of gas through a bubble and the
solids flow patterns around bubbles. The simplest of these is the Davidson model
(see references 1,3, 8 for discussions of bubble flow analysis) which postulates ;
• The bubble is spherical in shape.
• As the bubble rises, the particles move aside as would an incompressible,
inviscid fluid of bulk density Ps (I-emf). This permits the use of potential flow
theory to determine the motion of solids around the bubble.
• Outside the bubble, the gas flows through the emulsion phase as an
incompressibl~ creeping viscous fluid. The pressure distribution in this region is
given by the following :
v 2 p=o
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(2.55)
• Inside the bubble the pressure is constant.
• Far from the bubble, the undisturbed pressure gradient ex~sts
(2.56) .
The resulting gas flow patterns depend on the ratio Ubr/Uf as follows
i) Slow (small) bubble ( Ubr/ Uf < 1)
Observed in the reference frame of the bubble, gas enters the bubble
through the bottom and flows out through the top. Some of the gas forms a
recirculation pattern at the side of the bubble.
ii) Fast (large) bubble (Ubr/ Uf >l)
All the gas enters through the bottom, leaves through the top and recirculates
back to the bubble. The extend of the region of recirculation is referred to as the
bubble cloud. The recirculating gas in the cloud does not mix with the rest of gas
in the bed [14].
Some 'of the important conclusions from bubble theory can be represented
as follows:
• The upward flow of gas through the bubble keeps the bubble from
collapsing•
• In a fast bubble, the gas can retain its identity, passing through the bed
without interacting with the solid phase.
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2.5. Mechanisms of Mixing and Segregation
In a fluidized bed operating with vertically upward gas velocities in excess
of the minimum fluidization velocity Umf, some of the gas flows through the bed
in the form of voids of gas which are called bubbles. As these bubbles move
upward through the bed, they cause motion of solids, leading to circulation of
solid material in the axial direction. In such systems in which particles of different
. size and density move relative to each other, a dynamic equilibrium is set up
.,
between the competitive mechanisms of mixing and segregation. Mixing and
segregation occur simultaneously to produce an equilibrium distribution which is
usually uniform in the horizontal plane but varies with weight. The bed material
is considered as consisting of two phases; emulsion and wake phases. Solids are
picked up at the bottom and carried up toward the surface in the wake of the
bubbles. At the top, the wake contents are deposited in the emulsion phase. Then,
particles lifted up by the bubbles fall through the bubble-free regions. Three of the
mechanisms which are responsible for the solids motion in the bed and frequently
cited in the 'literature are as follows; circulation, wake exchange and segregation.
Figure 2.9 shows the schematic form of the mechanisms of mixing and
segregation.
2.5.1. Circulation
In a bubbling fluidized bed, each bubble carries solids in its wake. Solids
are picked up by the bubbles at the bottom portion of the bed an~ lifted towards
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the bed surface in their wakes. The bubbles are formed just above the distributor
and carry some particles up in their wakes while other particles move down
through the bubble-free region of the bed. This up and down motion of the
particles is referred to " circulation " • The circulation of solids is proportional to
the bubble flow and is approximately constant across all horizontal planes through
the bed [ 15 ].
The definition of the circulation rate w is based on the emulsion phase and
it can be determined by balancing the upward and downward motion of the solids.
That is,
or
w (1-6) = Ub fw 6 (2.57)
w= (2.58)
The volumetric fraction of the bubbles and wakes in the bed can be related
to each other as follows :
6= 1- fw - (2.59)
where fw is the wake fraction. The bubble rise velocity was given by Nicklin [ 17]
by the following correlation :
(2.60)
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The minimum fluidization velocity of a mixture of particles can be given as :
(2.61)
2.5.2. Wake Exchange
As bubbles rise, some particles are exchanged .between the wakes of the
bubbles and the bubble-free region of the bed. This particle motion is called
" exchange" and it exists together with circulation regardless of the composition
of the bed. The rate of solids exchange between the emulsion and the wake phases
is referred to as the wake exchange rate. The exchange coefficient K w is defined as
the volumetric particle flux into and out of the wake per unit volume of the wake.
Basesme [ 13] recently found that the wake exchange coefficient decreases with
increasing bubble size, varying more strongly for particles having relatively low
values of minimum fluidization velocity. Exchange coefficient can be defined as
follows:
where,
F p
K w = -V
w
F qs
p = 1- (m
(2.62)
(2.63)
The exchange coefficient between the wake and the emulsion phases can be
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obtained experimentally based on the following assumptions [ 19 ]:
e Bubble characteristics such as size, shape and rise velocity are constant
throughout the bed.
e The wake exchanges part of its particles continuously.with the emulsion
phase.
e. The particles are mixed uniformly throughout the wake.
e There are no tracer particles in the emulsion phase upstream of the
rising bubble.
The material balance on the tracer particles in the wake for a differential
element of the bed takes the following form :
_ dcp V
wdh -
and after integration:
Kwv c
-- w PUb
(2.64)
ln~
cpo (2.65)
where Kw is the exchange coefficient, Vb is the bubble velocity, h is the height
above the distributor, cp is the tracer particle concentration in the bubble wake at
elevation h, ho is the height from which cp begins to decrease and cpo is the
tracer particle concentration in the bubble wake at h= ho •
Rowe, Patridge [21] observed " a stagnant region " in the wake of the
bubbles in their mixing experiments. Recently, Kocatulum [ 20] calculated the
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flow rate through the wake of an isolated bubble as it rises through a three
dimensional bed using a numerical method. His calculations show that velocities of
particles become very small near the intersection of the symmetry axis of the
bubble and the bubble solid interface. Kocatulum also predicted the existence of a
stagnant region as characterized by very low particle velocities where almost no
particle exchange occurs. Figure 3.3 [22] shows the variation of exchange
coefficient against volumetric fraction for different regions in the wake. The points
in Figure 3.3 are calculated by dividing the particle flux into each control volume
by the fraction of the wake bounded by the same control volume. Since the
exchange coefficient changes through the wake, the wake should be taken as
consisting of several regions, each having a different exchange coefficient [22],
Kozanoglu considered the wake to consist of three shells, one inside of another,
and a stagnant region adjacent to the bubble cavity. In this model, the outer shell
of the wake exchanges particles with the emulsion phase and the region adjacent
to the outer shell exchanges particles with ~he outer shell and the inner shells.
But, the fourth region is taken as a stagnant region, no particle exchange occurs
between that region and the region next to it. The fractions of the regions are
represented as fsl' fs2' fs3' fs4 respectively, where
(2.66)
2.5.3. Settlement
The two mechanisms explained above, circulation and wake exchange take
place whether or not there are physical differences between the components. On
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the other hand, the settlement mechanisms occurs only when the composition of
the bed is heterogeneous due to density or size differences. In the case of a
heterogeneous bed, the denser or larger particles tend to fall through the
temporarily disturbed region behind the each bubble. All three mechanisms vary
with the bubble flow rate and do not occur below minimum bubbling velocity. The
amount of segregation taking place at any point is proportional to the
concentration of jetsam at that point, and the higher the concentration the
greater the segregation [ 15 ].
Bubbles playa very strong role in mixing and stratification and the degree
of segregation which occurs depends on the excess gas velocity (Uo - Umf).
These results are illustrated in Figure 2.11, where Curve A is a case of a strongly
segregated bed very near minimum fluidization conditions, Curve B is the
concentration profile of the solids with an intermediate fluidizing velocity and
Curve C is the case of a perfectly. mixed bed occurring at high values of fluidizing
velocity.
In a fluidized bed where particles of different densities and sizes exist, there
is a tendency at near minimum fluidization conditions for the solids to stratify in
the vertical direction according to density, and to a lesser extent size. Rowe [ 7 ]
found that two mechanisms seem to control the manner in which particles
segregate and describes these as follows: (These two mechanisms are shown in
Figure 2.12.)
• As a bubble rises through the bed, particles are carried along with the
wake of the bubble. This tends to counteract solid segregation by causing
remixing of settled material. This, however, is also the mechanism by which the
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less dense particles can find their way to the top of the bed.
• As bubbles move vertically upward through the bed, they cause the
dense particles to descend. The dense particles fall through the free space of the
bubbles and drift downward through the emulsion phase in the region disturbed
by the bubble, as the bubble passes by.
Some of the important definitions which are related to the segregation
phenomenon can be given as follows. The settlement rate parameter k, is defined
as the average downward displacement rate of the settling particles relative to the
rest of the particles in the bed. When k takes a negative value, it indicates an
upward motion. The settlement rate parameter k can be defined as follows:
k - (2.67)
The first term in the numerator shows the average displacement of the host
particles with respect to a fixed reference point in space. The second term
rep~esents the average displacement of the tracer particles. A weighted average
can be introduced as the summation term.
2.5.3.1. Settlement Coefficient
Tanimoto et al. [13] defined, the average segregation distance as a
dimensional parameter which represents the segregation of jetsam relative to the
floatsam by each bubble passage and is proportional to the bubble diameter. The
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average segregation distance can be defined as follows :
y. _ 0.3 (Pj ) ( dj )1/3. db
J Pf d f .
(2.68)
Nienow and Chiba [23] defined the relations between the average segregation
distance and the settlement rate parameter as follows:
(2.69)
The mean jetsam descending velocity can be evaluated by knowing the bubble
frequency:
(2.70)
Kozanoglu [22] defines the average segregation distance as a non-dimensional
parameter. The relationship between the average segregation distance and the
settlement rate parameter k, as given by [22] can be defined as follows:
(2.71)
Bubble rise velocity is calculated by (2.46). The volumetric fraction of bubbles and
wakes in the bed is given by the following:
(2.72)
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And the wake fraction can be calculated in percent as follows:
fw = ( 0.78 + 0.076 d p ) + ( ~~ti03) db
where, mean particle diameter dp is [pm] and the bubble diameter is [mm].
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(2.73)
Table 2.1. Tyler standard screen analysis [28]
MESH APPROXIMATE APPROXIMATE INCHES
SIZE MICRON SIZE MILLIMETERS
---------------.--------------------------------------
4 4760 4.76 0.185
6 3360 3.36 0.131
8 2380 2.38 0.093
12 16~0 1.68 0.065
16 1190 1.19 0.046
20 840 0.84 0.0328
30 590 0.59 0.0232
40 420 0.42 0.0164
50 297 0.29 0.0116
60 250 0.25 0.0097
70 210 0.21 0.0082
80 177" 0.17 0.0069
100 149 0.14 0.0058
200 74 0.07 0.0029
230 62 ·0.06 0.0024
270 53 0.05 0.0021
325 44 0.04 0.0017
400 37 0.03 0.0015
625 20 0.02 0.0008
1250 10 0.01 0.0004
2500 5 0.005 0.0002
--------------_._-----------------------------_._._----
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Table 2.2. Wake fraction correlations for different particle sizes
dp [ J.Ll Cor'relation
1100.0 fw = 8.81 + 0.15 De 8.81 0.15
567.5 fw = 5.78 + 0.44 De 5.78 0.44
362.5 fw = 3.59 + 0.59 De 3.59 0.59
240.0 fw = 2.54 + 1.02 De 2.54 1.02
143.0 fw = 1.49 + 1.41 De 1.49 1.41
Table 2.3. A list of bubble growth models [22]
-------------------------------------------------------------------------
Mori and Wen
Rowe
Darton
KatoandWen
DB =DBM + (000 -DBM) exp ( -0.3 h/Dt )
0 00= 0.00376 (Uo - Urnf )2
DBM = 0.652 [A (Uo - Urnf ) ]0.4
DB = (Uo - Urnf )0.5 ( h + ho )0.75 g-0.25
ho =1.61 [Ao1.6 gO.2 (Uo - Urnf ) ] -0.4
DB = 0.54 (Uo - Urnf rO.4 ( h + 4.0 AoO.5 )O.S g-0.2
DB = 0.327 [Ao (Uo - Urnf ) rO.4 + 1.4 dp Pp (Uo IUmf ) h
-----------------------------------------------------------------------------
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Figure 2.12. Mechanisms of solids stratification
(A) Bubble wake contains mixture of bed material.
Vertical motion of bubble leads to a sorKfs transport
In the upward direction and permits less dense
particles to reach top of the beet.
( B ) Dense particles fall through roof of bubble and reach
bottom of bed. Bubble also disturbs particles in emulsion,
helping them drifting downward.
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3. COAL CLEANING IN A FLUIDIZED BED SEPARATOR
3.1. Cleaning of Coal in Fluidized Beds
Recent changes in clean air regulations have led many utilities to look
more closely at combinations of 502 control technologies such as coal cleaning and
flue gas scrubbing. The usefulness of such an integrated approach will require the
availability of low cost methods of coal cleaning. After being popular, pneumatic
coal cleaning techniques gave way in the mid 60's to wet cleaning methods for
removing high density pyrite and ash to meet the new govermental regulations on
502' Pneumatic cleaning is more desirable than wet cleaning because of some
important drawbacks of wet methods. Wet-cleaned coal is slurried in water and
must be dewatered before it can be shipped or burned. Secondly, coal cleaned by
the aid of wet separation is subject to handling and winter freezing problems. In
addition to these, wet methods require a water supply, which can be a problem in
arid regions. Moreover, a waste water clea~up process is required, which poses its
own environmental costs. Taking both methods together, we see that pneumatic
separation becomes potentially attractive for coal cleaning because of these
problems [30]. Some important advantages of pneumatic coal cleaning can be
summarized as follows :
• In contrast to wet separation, pneumatic cleaning eliminates the need for
heat to dry the product coal•
• Pneumatic cleaning does not contribute to water pollution as wet
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separation techniques may do.
• Air washed coal is much less susceptible to freezing during shipment and
storage. Besides it flows more freely in hopper and bins.
Combinations of technologies, such as coal cleaning and duct sorbent
injection or coal cleaning and sorbent spray drying may provide a good solution to
minimize the overall costs of generation and compliance at many units. The
feasibility of this process - require the availability of low cost methods of coal
cleaning.
This work describes one part of an experimental study on the D-CoP™
Process, The Dry Coal Purifier, which is a new,- dry, low cost technique for
removing pyrite and other minerals from coal. D-CoP™ utilizes a room
temperature fluidized bed particle separator to perform a coal purification process
[30]. Crushed coal is added to the bed with magnetite particles and fluidized with
room temperature air. As a result, the particle mixing and settling processes in the
fluidized bed cause a separation to occur between the clean coal product and its
impurities. The above mentioned process is a dry process which involves fine coal
particles. D-CoP™ can be integrated directly into a pulverized coal power plant,
interfacing with existing coal burners, mills, and burners.
Fluidized beds are used for a variety of industrial and power generation
applications such as; coal combustion, petroleum refining, and waste heat recovery
as mentioned in Chapter 2.1. These kinds of applications depend on the gas-solids
contacting characteristics of fluidized beds. In contrast, D_Cop™ relies on the
-particle segregation tendencies of gas fluidized beds to perform its coal purification
function. When particles of different sizes and densities are contained in a fluidized
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bed, solids show a tendency to stratify in the vertical direction according to
density and, to a lesser extent, size. In the case of a bed consisting of magnetite
particles and crushed coal, the clean fraction of the coal segregates at the top of
the bed with the liberated coal mineral particles settling towards the bottom. As a
consequense, the ash and sufur content of the coal at the top portion of the bed is
lowered, permitting recovery of coal with substantially reduced amounts of pyrite
and other minerals.
As with any other physical cleaning system, D-CoP™ can work well only
with coals that have a relatively high percentage of pyritic sulfur. Not unlike other
physical cleaning approaches, it is not able to remove organic sulfur from the coal
feed. This leads to an inherent limitation of these approaches, in that when used
by themselves, they often cannot remove sufficient sulfur to make it possible to
comply with new 502 emissions regulations. In this case, in order to satisfy clean
air regulations, D-CoP™ can be used in combination with other control
technologies such as flue gas desulfurization, duct sorbent injection, spray .drying
or wet limestone scrubbing [30]. More details on coal cleaning techniques will be
presented in Chapter 3.2.
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3.2. Coal Cleaning Techniques
Available methods for controlling sulfur oxide emissions from combustion
sources can be divided into the following categories :
• The use of naturally occuring low sulfur coal.
• Chemical cleaning to extract sulfur from coal.
• Physical cleaning to extract sulfur from coal.
• Removal of sulfur compounds during combustion.
• Removal of sulfur oxides from the flue gas.
• Conversion of coal to a clean fuel by such processes as gasification and
liquefaction.
Among these methods, physical removal of pyritic sulfur is the lowest in cost.
Conventional physical coal cleaning processes involve first crushing the
coal to release the pyritic sulfur. These techniques then utilize differences in the
densities and/or the surface chemistries of the coal and impurities in order to
separate one from other. Available cleaning techniques can be presented in two
groups:
• Wet Cleaning Techniques.
• Dry Cleaning Techniques.
Wet cleaning systems utilize water or a heavy medium (a mixture of very finely
ground magnetite and water), whereas dry cleaning systems utilize air for the
49
same purpose. In the case of a wet cleaning process, the crushed coal is slurried
with water and then by one of various possible methods, the high density pyrite
and ash are separated from the product coal. The basic operation principle is that
the specific gravity of coal differs from the associated impurities and therefore
they have different settling rates depending on their densities. Some of the most
commonly used coal cleaning systems are as follows [25]:
Jigging:
Jigs are mainly used for cleaning coarse coal. About half of the coal
cleaned in the United States is cleaned by jigging, which is a hydraulic process
where a suspension of particles is stratified by a pulsating, upward flowing current
of water. Clean low-density particles concentrate near the top of the suspension,
while intermediate-density particles concentrate near the middle, and high-density
refuse particles concentrate near the bottom. The operation is carried out
continuously as the suspension flows through a wide, horizontal channel. By
cutting the flowing, stratified suspension at various heights, different products
such as clean coal, middling coal and refuse are produced. In a Baum jig, the
pulsations which are transmitted through the perforated bottom are produced
pneumatically.
Wet Concentrating Tables :
The wet concentrating table is widely used for cleaning fine coal. This
device separates coal and refuse particles hydraulically by sluicing them across a
sloping deck fitted with a series of rimes which run crosswise to the flow of water.
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The dense refuse particles tend to move along and parallel to the riffles due to the
reciprocating motion of the table. Consequently, the clean coal is removed from
one side of the table and refuse from an adjoining end. Coals with a high pyritic
to organic sulfur ratio are particularly amenable to sulfur reduction by this
process [25]. Wet concentrating tables have low operating and maintenance costs,
but they are limited in capacity and require a large floor space. A single table may
clean about 9.1 Mg/h. Although tables may not yield a sharp separation of near-
gravity material, they can provide an effective means for removing free pyrite
from coal.
Hydrocyclones :
Hydrocyclones are used for cleaning various sizes of coal. A hydrocyclone
usually consists of a lower conical section and an upper cylindrical section. Coal
particles slurried in water enter the cylindrical section tangentially at high
velocity, which creates a swirling motion on the material. The solid particles are
thrown outward by centrifugal force and are also acted on by the drag force of the
liquid and by the force of gravity. As a result of these forces, the denser refuse
particles tend to concentrate in the outer layers and are also drawn downward by
gravity and discharged through the apex of the cone. The lighter particles
concentrate near the longtudinal axis and are removed through a dip tube or
vortex finder which passes through the top. Hydrocyclones do not have moving
parts, require a limited space and need little maintenance, but generally do not
achieve a sharp separation between coal and refuse. However, using two stages of
hydrocylones the separation can be improved [25].
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Hea'Vy Media Cleaning :
Heavy Media cleaning processes account for about one-third of the
production of clean coal. Coal is slurried in a medium with a specific gravity close
to that of the desired separation. Although several liquid media have been
employed, the one in general use is a suspension of fine magnetite particles in
water. The specific gravity of the suspension can be varied between 1.3 and 2.0.
The lighter clean coal floats and the dense refuse sinks. Then those two types of
particles are mechanically separated. Heavy media processes offer advantages such
as the ability to alter the specific gravity of separation to accomodate changing
feed composition and product requirements [25]. Also, heavy media vessels are
available for a wide range of throughputs from about 50 to 900 Mg/h. Feed sizes
may range from about 0.5 mm to 100 mm.
Froth Floatation :
In froth flotation, the separation is based on the difference in the surface
properties of the various particles. In this method of separation, a suspension of
fine coal particles in water is aerated with numerous small air bubbles and a
frothing agent is added. The hydrophobic coal particles adhere to the bubbles and
are buoyed to the surface of the suspension where they are entrapped in a froth
which is skimmed off. The hydrophilic refuse particles are left in the suspension.
The production rate per cell can be as much as 35 Mg/h • In most cases, froth
flotation has not provided a good separation between coal and pyrite and has been
used primarily to reduce the ash content of the coal. Two factors seem to be
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responsible for the poor separation of pyrite from coal. First, pyrite is difficult to
liberate completely, and secondly, fresh pyrite surface appears to be more
hydrophobic than hydrophilic [25].
In addition to methods described above there are several other methods
which are used less often. Screening, magnetic cleaning, electrostatic separation,
and air classifiers are the other methods which can be mentioned.
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3.3. Coal Cleaning Evaluation Terminology
3.3.1. Calculation of Performance Parameters from Experiments
Removal, Ash Removal, and Energy Recovery.
Sulfur
Two terms are used to evaluate the performance of the coal cleaning tests.
The term, removal, quantifies the change in impurity levels resulting from
cleaning. The term, recovery, is used to measure the quantity of material
extracted as product in coal cleaning. The evaluation of cleaning performance
requires the calculation of sulfur and ash removal together with energy recovery.
To determine this it is necessary to know the experimental results of sulfur and
ash percentage and heating values for individual layers with the coal content in
each layer. The following sample calculation illustrates the interpretation of the
experimental results. The following data were directly taken from coal cleaning
experiment 7-19-91-51 for the combination of -80 +140 mesh Upper Freeport coal
and -120 +140 mesh magnetite. The experiment was performed with the following
conditions :
• Mass Coall Mass Magnetite= 5.7
• Uo/Umfm= 2.2
• Processing Time (t) = 30 sec.
• Bed depth= 3.0 em.
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Sample Calculation:
-----------------------------------------------------------------------------------------------------
A B C 0
Content of Coal
Layer Coal [g] Weight % Sulfur Weight % Ash Heating Value [ Btu/lb]
1 78.30 1.29 11.44 13598
2 74.34 1.35 11.73 13617
3 66.44 1.43 12.08 13581
4 53.69 1.64 15.37 12830
5 42.18 3.83 39.72 8781
6 26.45 8.53 63.27 4584
where layer 1 represents the top layer, and layer 6 shows the bottom layer of the
batch bed. In order to obtain the total sulfur and ash in each layer, the coal and
sulfur and coal and ash are multiplied (i.e. AB and AC values are calculated).
Also, to find the heating value in each layer, (i.e. AD) the heating value must be
multiplied by the coal content in each layer. After performing all of the
;
calculations, the results can be given in the following table.
Layer Sulfur [g] Ash [g] Heating Value [Btu]
1 1.01 8.95 2345
2 1.00 8.72 2229
3 0.95 8.02 1987
4 0.88 8.25 1517
5 1.62 16.75 816
6 2.25 16.73 267
TOTAL 7.71
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67.42 9161
Calculation of the amounts of sulfur and ash removal is formulated by the
following relations :
1)
[Sulfur Removal, % ]i't~ layer= (Total Sulfur in bed - Total of sulfur from 1 to
i'th layer) / (-Total Sulfur in bed)
2)
[Ash Removal, % ]i'th layer = (Total Ash in bed - Total of ash from 1 to i'th
layer) / ( Total Ash in bed )
3)
[Energy Recovery, % h'th layer = (Total of energy from 1 to i'th layer)/(Total
Energy in bed )
Example calculations for 1st layer are given as follows:
[Sulfur Removalh= [ 7.71-1.01 ]/7.71= 86.9 %
[Ash Removalh= [67.42-8.95l!67.42= 86.7 %
[Energy Recoveryh= [ 2345/9161]= 25.6 %
By following the same procedure, the calculations for the other layers is done and
following table is obtained :
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Layer Sulfur Rem, % Ash Removal, % Energy Recovery, %
1 86.9 86.7 25.6
2 73.9 73.8 49.9
3 61.6 61.9 71.6
4 50.2 49.6 88.2
5 29.2 24.8 97.1
6 0.0 0.0 100.0
These same results are plotted in Figure 3.1.
3.3.2. Generalized Distribution Curve for Characterizing the Performance of Coal
Cleaning.
Coal cleaning is a physical and/or chemical process for removing high-ash
impurities including pyritic sulfur from raw coal. Most coal-cleaning equipment
employs a float-sink principle, based on the specific gravity differences between the
coal and its associated impurities. Thus a typical piece of coal cleaning equipment
will separate a given feed into a low specific gravity clean coal product containing
a lesser percentage of ash and total sulfur and a higher specific gravity refuse
product containing a greater percentage of ash and total sulfur. The specific
gravity of separation distinguishes the specific gravity ranges of the two products
[29].
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The performance of each piece of coal-cleaning equipment is characterized
by a distribution curve, which expresses the weight-percent of feed reporting to
clean coal as a function of specific gravity. Use of the distribution curve allows the
prediction of the quality and yield of clean coal and refuse product. Therefore, the
distribution curve should be known as accurately as possible for each piece of coal-
cleaning equipment [29].
The generalized distribution curve can be defined as a .plot of the
percentage of each specific gravity fraction of the feed that is recovered in the
clean coal product as the ordinate, against the median of the 'specific gravity
fraction, as the abscissa. Figure 3.2 shows a typical distribution curve. SGS, the
specific gravity of separation, is the value of specific gravity corresponding to the
weight percent of 50 %. The specific gravity of separation indicates the specific
gravity of the material in the raw feed that is equally divided between the clean
coal and refuse.
For a theoretically perfect separation, the distribution curve will consist
simply of a vertical line passing through the specific gravity of separation. This
curve is shown in Figure 3.3. One measurement of the difference between a perfect
and an actual. separation is given by the error area, as shown by the shaded area
in Figure 3.3. The error area will approach zero as the actual distribution curve
approaches the theoretical. Thus, the sharpness of separation improves. In other
words, performance is getting better when the slope of the distribution curve
becomes steep~r.
Another measurement of the sharpness of separation is defined as probable
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error. This quantity is expressed as one-half the specific gravity difference between
the 25 and 75 percent distribution to clean coal and is shown by. E p as follows:
Ep =
SGS ( 75 % ) - SGS ( 25 % )
2 (3.1.)
Probable error will decrease numerically as the distribution curve becomes
increasingly steep. For a perfect separation, the probable error would be zero. The
generalized performance parameter, which is shown by GEp in this study, is
calculated by dividing the probable error E p by the specific gravity of separation
SGS and is given by the following:
GEp =
E p
SGS
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(3.2.)
3.4. Computer Programs
In order to manipulate the experimental and theoretical results, two new
computer programs were written by Ulge [28] and the author of the present study
in Fortran 77. These new programs are based on another code which is used
extensively in this study to obtain the results of experimental analysis.
The first program, which is presented in Appendix A.I, is used to calculate
sulfur and ash removals and energy recoveries by using the data from the analysis
of the experiments. For each layer, the following data from the coal cleaning
experiments should be entered into the program:
• Local coal mass ( in grams )
• Weight percentage of sulfur
• Weight percentage of ash
• Heating value ( BTUlIb )
The program generates an output file called "OUTI" which consists of the
following results for the indicated layers.
• Local coal mass in grams
• Local sulfur and ash percentages
• Sulfur and ash removal
• Energy recovery
The technique used for calculating sulfur and ash removals and energy recoveries
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is presented in Chapter 3.3.1.
The second program, which is given in Appendix A.2., is used to
manipulate the theoretical results from the computer developed by Kozanoglu
[22]. This program is used to calculate:
• Sulfur and ash removals
• Energy recoveries
from the volumetric concentrations of coal components in the emulsion phase. The
specific gravity of each component together with the sulfur, ash and energy
content of each coal component (as obtained from the washability test for that
specific coal) should be input to run the program. In order to input these data, a
file from the main batch program must be edited. Typical washability test results
are presented in Tables 5.3 through 5.7 for the following types of coals with three
different sizes :
• -50 +80 Mesh Rushton
• -80 +140 Mesh Rushton
• -50 +80 Mesh Helen Upper Freeport
• -80 + 140 Mesh Helen Upper Freeport
• -140 +325 Mesh Helen Upper Freeport
The data are read from a file called "WORK1" and written in a file called
"COALOUT" • The technique of calculating sulfur and ash removal, and energy
recovery from the coal concentrations in the emulsion phase is the same as used in
the main batch program and as is explained by [ 26 ].
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4. THEORETICAL MODEL
The effectiveness of the cleaning performance is a. strong function of the
configuration of the fluidized bed and the operating conditions. In optimizing the
cleaning performance, a computer model was developed by Kozanoglu [22] in
order to assist in planning the labarotory testing and interpreting the
experimental results. This computer model is based on the physical relationships
which occur in a bubbling fluidized bed. Using Kozanoglu's computer model, a
wide range of theoretical calculations were performed to determine how
parameters such as air velocity, coal and magnetite particle size, coal type, bed
depth and processing time affect the efficiency of the cleaning process [30].
Experiments were performed to examine coal cleaning performance for tlie range
of processing conditions suggested by the computer model.
The computer model written by Kozanoglu [22] can handle nine different
particle species simultaneously. Because of the number of equations this requires,
this poses restrictions on the size of the thickness of the layers. Eight components
out of the nine are coal and they have different physical properties such "as particle
densities, sulfur and ash contents, and heating values. The computer model uses a
standard differential solver subroutine to solve the set of differential equations.
This code consists of three subroutines, referred to as the Initial, Derivative and
Write Subroutines. The code computes coal, sulfur and ash profiles together with
sulfur and ash removals, energy recoveries, and distribution to clean coal for each
specific gravity component.
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A typical set of theoretical calculations are shown in Figures 4.1 through
4.6. As indicated in the figures, both theoretical and experimental results are
shown for -50 +80 mesh Rushton coal and -100 +120 mesh .magnetite. The
settled bed depth was 3 cm and the processing time was 30 seconds. The
superficial air velocity cho~en for this case was 4.60 em/sec, corresponding to
UO /Umfm=2.0. For this analysis, the coal to magnetite feed weight ratio was 0.10.
In the figures, the local concentrations were plotted versus non-dimensionalized
level of each layer "Z/L". The to}> and bottom portion of the bed are shown as
Z/L=O and Z/L=l respectively. As shown in Figure 4.1, the local coal
concentration, defined as the summation of the eight separate specific gravity
components, segregated substantially from the free surface to the bottom portion
of the bed. The local coal concentration was about 70 percent at the free surface
and zero at the distributor. Figures 4.2 and 4.3 show the local sulfur and ash
concentrations as functions of the distance from the free surface of the bed. Also
in Figures 4.4 and 4.5, the percent reduction of ash and sulfur are plotted against
energy recovery. The maximum level of sulfur removal efficiency was about 65
percent at 85 percent Btu recovery as seen in Figure 4.4. Total ash removal
efficiency was about 63 percent at 85 percent energy recovery as observed in
Figure 4.5. The partition curve for 85 percent Btu recovery is given by Figure 4.6.
The generalized probable error was 0.16 and the specific gravity of separation was
found to be about 2.0, indicating the good performance of the cleaning process.
65
o
o
o
z
o
H It:
.... N
< t=
a:
....
z
c..
t.)
z 0
o 0
t.) It'!
...J
<
o
u
...J It:
< l"'-
t.) ..
o
...J
o
It:
N
to
C'oJ
....,
•
o Theoretical Results
• Experimental Results .
- 50 + 80 MESH R'USHTON COAL
- 100 + 120 MESH MAGNETITE
Ho=3.0cm
Uo = 4.60 cmls = 2.00 x Umfm
Time =30 s
Mcoal I Mmag = 0.10
g -~---.......-~-~--""-.-:"':..·...:::.... :::e~·="'i==!le~-;:.~....~0.", j i" __ ,
0.000 .250 .500 .750 1.000
Z/L
Figure 4.1. Batch bed trial with -50, +80 mesh Rushton coal.
Vertical variation of coal concentration
66
.•
Figure 4.2. Batch bed trial with -50, +80 mesh Rushton coal.
Vertical variation of weight percent sulfur in the coal
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5. EXPERIMENTS, RESULTS AND DISCUSSION
5.1. Experimental System and Method
5.1.1. Equipment Used in the Experiments
The experiments described in this study were carried out in ~ cylindrical
15.2 cm (6") inside diameter fluidized batch bed with a distributor which is
porous glass plate. A schematic representation of the fluidized bed is shown in
Figure 2.1. The measurements of the air flow rates were performed by rotameters.
The experime~tal system was arranged as shown in Figure 5.1. It consisted of
.
three subsystems :
i) Air supply
ii) Fluidizing vessel
iii) Material removal system
The air pressure was controlled by a Moore Products Model 42 H-30
Nullmatic pressure regulator. The regulator utilizes the null-balance principle,
which holds the output pressure constant regardless of wide changes in flow or
supply pressure. Flow rate measurements were performed with Ametek Schutte
and Koerting rotameters of various sizes, depending on the flow rate. The
following rotameter tube and float combinations were availa.ble :
• 4HCFB tube with 44-3 float
72 .
• 3HCFB tube with 34-3 float
• 2R tube with R-22 float
Rotameter exit pressure was measured by a U-tube water manometer for
use in making pressure corrections to the volumetric flow rate measurements. The
air flow through the bed was controlled by valves, including an on and off solenoid
time controlled valve. Humidified air was supplied to the magnetite in order to
minimize electrostatic interaction between the particles.
The fluidizing vessel was a 15.2 em (6") diameter vertical cylindrical.
column, with a 15.2 em (6") high steel plenum chamber and a 22.9 em (9") high
plexiglass wall. A 1.27 em (0.5") thick porous distribution plate (3M Company
No.15 sintered glass plate) was placed horizontally between the plenum chamber
and the plex~~lass cylinder. The air seal was achieved by a rubber gasket and
silicone. Air flowed into the chamber through a 0.635 em (1/4") diameter tube at
the bottom center. A dissipative structure was built onto the inlet to prevent a
direct air jet onto the distributor and achieve uniform fluidization. The typical
pressure drop across the distributor was 75 to 90 % of the total pressure drop
across the entire bed.
Removal of the material from the bed was provided by using a Penberthy
Houdaille Model GL air operated jet pump. A schematic of the bed removal
system is shown in Figure 5.2. The mixture of the bed material was separated by
using an Eriez low intensity ferrite roll magnetite separator. Figure 5.3. shows the
the schematic form of the magnetic separator.
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5.1.2. Experimental Method
The coal, after being crushed and separated into several size fractions, was
added to the fluidized bed with magnetite particles and was then fluidized with a
superficial gas velocity (Uo) slightly above the minimum bubbling velocity (Umb).
Due to the bubbling action in the bed, a density separation occured where the
relatively clean coal product rose to the top portion of the bed and the denser
fractions of the feed coal settled towards the bottom portion of the bed.
The general experimental procedure can be explained step by step as
follows: The experiments were performed on an initially segregated bed, where
coal particles were placed on top of the magnetite layer. In the experiments, mass
ratios of coal to magnetite were chosen between 0.1 to 5.7. Settled bed depths
were in the range of 3 to 12 cm. First, the magnetite was weighed, separated from
its impurites with the aid of the magnetic separator, demagnetized and loaded
onto the bed distributor in the amount desired. The upper surface was smoothed
by fluidizing the magnetite for a short period of time and the desired amount of
coal was placed on top of the magnetite. Then, the bed was fluidized at a
predetermined superficial gas velocity for the desired processing time. The
superficial gas velocities ranged from 1.4 to 3.8 times the minimum fluidization
velocity of the magnetite. In most of the experiments, the processing time was set
to 30 seconds. The superficial gas velocity was adjusted and the duration of
fluidization was set by a stop-watch. The experiments ~ere performed at room
temperature and atmospheric pressure. The air supply was then a.bruptly shut off.
After the bed was defluidized, bed material was removed la.yer by layer using the
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jet pump. In each experiment, the bed material was removed in 6 layers in this
fashion.
After noting the total weight of each layer, the mixture of coal, magnetite
and liberated minerals from each layer was separated in the magnetite separator~
This device separates such a mixture into two components:
• magnetite
• product coal with liberated pyrite and ash particles.
As the last step, the product coal from each of the six layers was weighed and
then sent to a labaratory for chemical analysis. This analysis yielded information
on the total sulfur and ash content and the calorific heating value of the coal.
After obtaining the necessary information on these values, the percentage sulfur
and ash removal and energy recovery were determined by using the method
described in Chapter 3.3 together with the computer programs presented in
Chapter 3.4. 'A sample calculation of the performance parameters was shown in
Chapter 3.3.1 for -80 +140 mesh Upper Freeport coal and -120 +140 mesh
magnetite.
5.1.3. The Performance Measurements of the Experiments
The performance of a coal cleaning process can be measured by the aid of
various parameters for different process conditions. Those can be summarized as
sulfur removal, ash removal, energy recovery, generalized performance parameter,
probable error, and specific gravity of separation given by the generalized
distribution curve. A higher sulfur and ash removal for a certain value of energy
recovery indicates better performance. Throughout this study, the fixed point of
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reference for energy recovery is 85 % for both sulfur~nd ash removal. In addition,
a steeper generalized distribution curve is an indication of better cleaning
performance, corresponding to lower values of the generalized· performance
parameter and probable error. Also a lower value of specific gravity of separation
shows better cleaning performance.
As illustrated in Figures 5.4 through 5.9, typical coal cleaning behavior can
be observed both experimentally (experiment no. 7-17-91-45 for
mcoal/mmag=0.7, Uo /Umfm=1.8, bed depth of 3 cm and 30 seconds of
processing time for -80 +140 mesh Upper Freeport coal and -120 +140 mesh
magnetite) and theoretically. These results are typical of those obtained in this
study. Figure 5.4 shows that the local coal variation throughout the bed as the
ratio of the mass of coal to the total mass for each layer. As seen in the figure, the
local coal concentration was approximately 90 percent at the top and zero at the
bottom portions of the bed. Figure 5.5 and Figure 5.6 show the local sulfur and
ash concentrations. The local concentrations are plotted against the non-
dimensiona1iz~d level of each layer, "z/L ", where z/L=O indicates the top and
z/L=l indicates the bottom of the bed. They are calculated as the mass percent
of coal for each layer. Sulfur and ash removal curves are plotted against Btu
recovery in Figure 5.7 and 5.8. A total sulfur removal efficiency of 58% at 85%
Btu recovery also indicates a relatively high pyritic sulfur removal efficiency. The
level of ash removal was 61% at 85% Btu recovery. The generalized performance
curve is shown in Figure 5.9. The specific gravity of separation was 2.28 and the
generalized performance parameter was found to be 0.18.
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5.2. The Objectives of the Experiments
The experiments were performed with Rushton and Upper Freeport coals
with different size fractions in order to investigate the effect of process conditions
on the cleaning efficiency. Those process conditions which control the rates of
settling and mixing will be discussed throughout this study. They can be
summarized as follows :
• The settled depth of the fluidized bed ( ho )
• The coal to magnetite feed weight ratio ( mcoal / mmag )
• The ratio of the superficial gas velocity to the minimum fluidization
velocity of magnetite ( Uo I Umfm )
• Processing time ( or duration of fluidization, to )
I
• Size and type of the coal
• Size of the magnetite
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5.3. Materials Used in the Experiments
5.3.1. Properties of Coal
The experiments and calculations described in this study involved both
Rushton and Upper Freeport coals from Western Pennsylvania. The Rushton coal
has a relatively large fraction of pyritic sulfur. Typically, the organic sulfur
content is 0.7 to 1.0 weight percent and the pyritic sulfur is in the range of 2.2 to
3.0 weight percent. Ash contents of 30 percent by weight are typical. In contrast,
the Upper Freeport coal has an organic sulfur content of 0.9 to 1.1 percent, pyritic
sulfur content of 1.0 to 1.2 weight percent and an ash content of 23 percent by
weight. The Rushton coal has a density of 1.80 gr/cm3 and Upper Freeport coal
has a density of 1.54 gr/cm3 •
The coals were crushed and screened to 5 different size fractions being -30
+50, -50 +80, -80 +140, -140 +325, and -325 U.S. standard mesh. Tests
were performe.d with the following size fractions for each of the coals.
i) -50 +80 Mesh
ii) -80 +140 Mesh
iii) -140 +325 Mesh
The -140 +325 mesh Upper Freeport coal was also screened to two different size
fractions (-140 +200 mesh a.nd -200 +325 mesh) a.nd tested to determine
possible effect of width of the size distribution on cleaning performance. Properties
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such as average particle diameter, average weight percent of sulfur and ash,
calorific heating value, minimum bubbling and minimum fluidization velocitiy, and
washability analysis for the tested size fractions of these coals are presented in
Tables 5.1 through 5.7. The values of minimum fluidization and minimum
bubbling velocity of various size fractions of Rushton coal and angular magnetite
measured by Basesme [18] previously are also given in those tables.
During the experiments, the settled bed depth was chosen as 3 em. The
coal to magnetite feed weight ratio varied from 0.10 to 5.7 (corresponding to
mm=12 and mm=l). The parameter "mm" indicates the number of the layers of
the bed occupied by the magnetite at the beginning of the experiment out of 15
layers of equal thickness, mm=l and mm=15 indicate the bottom and the top
layers of the bed respectively. Superficial air velocities were in the range 1.4 to 3.8
times Umfm' Processing time was 30 seconds.
5.3.2. Properties of Magnetite
Throughout this study, an angular grained magnetite with the particle
density of 5.2 gr/cm3 was used as the host material. Magnetite is chosen because
it acts as a buffer to encourage segregation between the "clean" coal and the
denser waste particles that settle down to the bottom portion of the fluidized bed.
The magnetite was screened to 9 different lots being -50 +60, -60 +70, -70
+80, -80 +100, -100 +120, -120 +140, -140 +200, -200 +325 and -325
mesh. The properties of the angular grained magnetite particles for the different
size fractions are shown in Table 5.8, including minimum fluidization and
minimum bubbling velocity of each size fraction.
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5.4. Experime"nts and Results
Experiments performed with three size fractions of two types of coals and
their performance on coal cleaning efficiency can be summarized as follows:
i) -50 +80 mesh Rushton Coal Experiments
The -50 +80 mesh size Rushton coal had a total dry sulfur concentration
of 2.53% and a dry ash concentration of 26% by weight. The dry heating value
was 11226 Btu/Ibm. The pyritic sulfur concentration was about 69% of the total
sulfur content, where the rest was sulfate and organic sulfur. In previous
experiments, Ulge [28] tested different mcoadmmag ratios varying from 0.7 to 5.7,
UO/Umfm ratios between 1.25 to 3.2, bed depths of 3,7 and 12 em and processing
times of 30, 60 and 600 seconds. Ulge [28] found that it was possible to remove as
much as 70% of sulfur and ash for energy recoveries less than 85% by using the
fluidized bed separator.
Experiments performed in the present study with -50 +80 mesh Rushton
Coal involved a coal to magnetite feed weight ratio of 0.1 (corresponding to
mm=12) for the case of the 3 cm bed, with the duration of fluidization kept at 30
seconds. The ratio of the superficial air velocity to minimum fluidization velocity
ranged from 1.6 to 2.5. The complete listing of the experiments with -50, +80
mesh Rushton coal and -100 +120 mesh angular magnetite for various
operational conditions is shown in Table 5.9. The performance of the experiments
with -50 +80 mesh Rushton coal is presented in Tables 5.10 and 5.13. The
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experiments performed in the present study showed a 65% of total sulfur removal
efficiency. The maximum level of ash removal ranged between 57 and 62 percent.
These results agreed with the ones obtained from the previous -50 +80 mesh
Rushton coal experiments.
il) -80 +140 mesh Rushton Coal Experiments
The -80 +140 mesh size Rushton coal had a total dry sulfur
concentration of 3.09% and a dry ash concentration of 28.64% by weight. The dry
heating value was 10436 Btu/Ibm. This size of Rushton coal had a relatively large
fraction of pyritic sulfur which is typically about 73% of the total dry sulfur
content. The experiments with -80 +140 mesh Rushton coal and -120 +140
mesh angular magnetite for various process conditions are presented in Table 5.14.
Tables 5.15 through 5.17 show the performance of the experiments with -80
+140 mesh Rushton coal. As observed in the tables, total sulfur removal efficiency
was 61%. Maximum levels of ash reduction were between 48% and 52%.
iii) -140 +325 mesh Rushton Coal Experiments
This type of coal sample typically had an organic sulfur content of 1.09
percent, pyritic sulfur of 1.63 percent (corresponding to about 54 percent of total
sulfur content) and ash content of 31 percent by weight. The dry heating value
was 10516 Btu/Ibm. Two sizes of magnetite (-140 +200 and -170 +325 mesh)
were tested to determine the effect of particle size on cleaning efficiency. As shown
in Figures 5.10 and 5.11, the theoretical predictions for the -140 +200 mesh size
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magnetite obtained from the computer model indicate lower values of GEp and
thus better performance when compared to the -200 +325 mesh size magnetite.
During the experiments, a slugging bed with high cohesive forces between particles
was observed. In addition to slugging, spouting formation and the wide size
distribution of the coal can be counted as reasons of poor performance. After some
trials, spouting was observed to occur over the first 8 and 12 seconds of operation.
Then, the bed became more uniformly fluidized. Taking this into account,
fluidizing time was increased to 40 seconds, resulting in 30 seconds of net
fluidization, which was used consistently throughout the experiments.
Tables 5.18 and 5.19 show the experimental conditions with -140 +325
mesh size Rushton coal and these two types of magnetite. The performance of the
experiments is shown in Tables 5.20 and 5.21. The size distribution of -140 +325
mesh sized Rushton and Upper Freeport coal samples are given in Table 5.22. The
first experimental set of -140 +325 mesh Rushton coal and -200 +325 mesh
angular magnetite showed a performance of total sulfur removal efficiency of
.
about 20%. Maximum levels of ash removal were in the range of 18% to 20%.
However, the second experimental set of -140 +325 mesh Rushton coal with
-1~0 +200 mesh magnetite showed better performance. Total removal of sulfur
efficiency was found to be 26%. Maximum ash removal varied from 22% to 27%.
iv) -50 +80 mesh Upper Freeport. Coal Experiments
The -50 +80 mesh size Upper Freeport coal had a total dry sulfur
content of 2.49% while the dry ash concentration was about 20% by weight. The
dry heating value was 12311 Btu/Ibm. The pyritic sulfur concentration was about
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45% of total sulfur where the rest is sulfate sulfur and organic sulfur.
Table 5.23 shows the experimental conditions with -50 +80 mesh Upper
Freeport coal and -100 +200 mesh angular magnetite. The performance of the
experiments is presented in Table 5.24. As observed in those tables, as the
processing time was increased from 8 to 26 seconds, the performance of the
experiments improved. The level of sulfur removal efficiency changed from 37% to
52% with increasing processing time. Ash removal efficiency was in the range of
35% to 52%.
v) -80 +140 mesh Upper Freeport Coal Experiments
The -80 +140 mesh size Upper Freeport coal typically had an organic
sulfur content of 1.01%, a pyritic sulfur of 1.06% where the remaining part is
sulfate and organic sulfur, and an ash content of 17.40% by weight. The dry
heating value was 12400 Btu/Ibm. The pyritic sulfur concentration was about
55% of the total sulfur content. Table 5.25 shows the experimental conditions
with -80 +140 mesh Upper Freeport coal and -120 +140 mesh magnetite. The
performance of the experiments is presented in Tables 5.26 through 5.27. These
experimental results showed comparable performance as in the case of -80 +140
mesh size Rushton coal. AE. indicated in the tables, the results show that the
maximum total sulfur removal efficiency was about 58%. Maximum level of ash
removal changed in the range of 56% to 61%.
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vi) -140 +325 mesh Upper Freeport Coal Experiments
This type of co3J. had a total dry sulfur concentration of 1.63% and a dry
ash concentration of 28.06% by weight. The dry heating value was 10699
Btu/Ibm. The pyritic sulfur concentration was 70% of total sulfur content, where
the rest was sulfate sulfur and organic sulfur. Experiments were performed under
the best performance conditions determined previously by using the experimental
and theoretical results. In order to investigate the effect of particle size
distribution, the coal was screened to 3 different sizes (-140 +325, -140 +200,
-200 +325 mesh) and tested. The host material was chosen as -140 +200 mesh
size angular magnetite. A slugging bed, typical of high cohesive forces between
particles, was observed again. During the first 5 seconds of the experiments, stable
channels which had formed inside the bed, were broken down by vibrating the
bed.This resulted in more homogeneous and uniform bubbling.
The experimental conditions with -140 +325 mesh Upper Freeport coal
and the perfC?rmance of the experiments are shown in Tables 5.28 and 5.29
respectively. Performance of the experiments with -140 +325 mesh Upper
Freeport Coal was better than the ones with -140 +325 mesh Rushton Coal. One
reason for the performance improvement can be explained by the size distribution
of the coal samples in this range. Although the particle diameter of -140 +325
mesh Upper Freeport coal is 80 pm, this size of Rushton coal. has a particle
diameter of 68 pm. The tendency of fine size particles to slugging may be the first
thing to be considered. The other reason of the performance improvement can be
related to the use of the mechanical vibration during the fluidization process in
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order to prevent spouting and slugging. As given in the tables, the total sulfur
removal efficiency was about 37% and maximum ash removal was in the range of
25% to 30%.
85
5.5. The Effect of Process Variables on Cleaning Performance
5.5.1. The Effect of Bed Depth
The results of the computer simulation and batch testing indicate that
performance is very sensitive to operational conditions. Both the theoretical and
experimental results show a very pronounced increase in sulfur reduction efficiency
as the bed depth was reduced from 12 to 3 cm. In additon, the theoretical results
show a substantial improvement in cleaning performance for the case of 7 and 12
cm deep beds as the coal to magnetite feed weight ratio is increased from 0.1 to
0.7. This is shown in Figures 5.12, 5.21, 5.22. The predicted performance at the
shallow bed depth is found to be relatively insensitive to feed weight ratio. This is
shown in Figure 5.13.
As the bed depth became shallower, the performance consistently
improved, independent of the type and size of coal. This effect can be seen for
various mcoal/mmag ratios in Figures 5.14 through 5.17. As illustrated in those
figures, the values of GEp and SGS showed a dramatic decrease as the bed depth
ranged from 12 to 3 cm. The effect of the bed depth can also be observed for
different processing times and operational superficial air velocities in Figures 5.18
through 5.20' j It can be seen that values of the parameter SGS became larger
when the bed depth increased, indicating poorer performance in the case of a
deeper bed. In addition, the theoretical results given by Figures 5.12, 5.21 and
5.22 showed poorer sulfur and ash removal efficiencies for higher bed depths.
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5.5.2. The Effect of Superficial Gas Velocity
Experiments and theoretical results revealed a significant effect of
superficial gas velocity for obtaining improved performance on sulfur removal
efficiency. When a given mixture of coal and magnetite was fluidized, the amount
of coal segregated at the top of the bed at steady state conditions depended
strongly on the superficial gas velocity as well as the other process variables.
Throughout this study velocities are expressed in terms of the ratio of superficial
air velocity to the minimum fluidization velocity of the magnetite, UO/Umfm.
During the experiments, superficial air velocity was adjusted slightly above the
minimum bubbling velocity of the whole bed.
Results of the coal cleaning experiments with -50 +80 mesh Rushton coal
showed that the best operating velocity range strongly depended on the coal to
magnetite feed weight ratio in the case of 3 cm shallow bed. These results are
shown in Figures 5.25 through 5.28. As seen in Figure 5.25, the best velocity ratio
was about 2.2 for mcoa.Jmmag=0.7. Note the agreement between the data and the
computer model predictions. As illustrated in Figure 5.26, for mcoa.Jmmag=O.l,
sulfur and ash removal efficiency seemed to be less sensitive to the ratio of
UO/Umfm, however, the best performance was achieved with superficial air
velocity is between 2.0 and 2.2 times Umfm. For the case of mcoa.Jmmag =1.6, the
optimum value Uo/Umfm increased to 2.35 as shown in Figure 5.27. The effect of
superficial air velocity on cleaning performance for mcoa.Jmmag=5.7 is shown in
Figure 5.28. For this case, the operating superficial air velocities should be chosen
to be about 2.75 times Umfm• From the above results, it Can be concluded that for
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-50 +80 mesh Rushton coal, the best cleaning performance was achieved with
the values of Uo in the range of 2 to 2.75 times Umfm, yielding a maXimum sulfur
removal efficiency between 65 and 72 percent.
For the case of -80 +140 mesh Rushton coal, the effect of superficial air
velocity on sulfur removal efficiency is shown in Figures 5.29 through· 5.31 for feed
weight ratios of 0.7, 1.6 and 5.7 respectively. As shown in Figure 5.29, a value for
the best velocity ratio of 2.0 was observed for mcoadmmag=0.7. The theoretical
results which are included in Figure 5.29 show good agreement with the
experimental results, yielding maximum sulfur and ash removal efficiencies about
62 and 52 percent respectively. For mcoadmmag=1.6 and 5.7, similar results are
observed. As observed in both Figures 5.30 and 5.31, the peaks occur around 2.0.
As seen in those figures, operating superficial air velocities should be chosen in the
range of 1.8 to 2.2 times Umfm' Additionally, for best performance the system
should be operated with 0.7~ mcoadmmag~1.6.
Very similar results can be observed in Figures 5.32 and 5.33 for -80
+140 mesh Upper Freeport coal. For the cases of mcoadmmag=0.7 and 5.7 the
best operating velocity ratio appears to be between 1.8 and 2.2. It is observed that
for both -80 +140 mesh Rushton and Upper Freeport coal, the best operating
velocity ratio ~as independent of the coal to magnetite feed weight ratio.
As seen in Figure 5.34, for -140 +325 mesh Rushton coal, the best
performance was achieved with the superficial air velocity equal to 1.5 times Umfm
in the case of a coal to magnetite feed weight ratio of 0.7.
Theoretical results, which are given in Figures 5.35 and 5.36, also indicate
that the operating velocity ratio should be chosen between 1.8 and 2.2 in order to
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obtain the best performance on sulfur removal efficiency for -80 +140 mesh
Rushton and Upper Freeport coal. As seen in those figures, the values of GEp had
the lowest value for Uo/Umfm=1.8, indicating the best performance.
5.5.3. The Effect of Coal to Magnetite Feed Weight Ratio
The effect of coal to magnetite feed weight ratio appeared to be one of the
important operational factors. As observed in Figures 5.12, 5.21 and 5.22
increasing ratios of mcoadmmag (from 0.1 to 0.7) resulted in a significant
improvement. in coal cleaning performance in the case of deeper beds. In contrast,
those same figures show that a higher coal to magnetite feed weight ratio did not
show a significant effect on cleaning performance in the case of a shallow bed. In
Figures 5.14 through 5.17, the theoretical values of the generalized performance
parameter GEp are shown as a function of bed depth for coal to magnetite mass
ratios of 0.1 and 0.7 for a processing time of 30 and 60 seconds. As illustrated in
those figures, in the case of shallow bed the results are relatively insensitive to the
feed rate ratio of coal to magnetite.
The experiments with -50 +80 mesh Rushton and -80 +140 mesh
Rushton and Upper Freeport coals verify that cleaning performance is relatively
insensitive to mcoadmmag compared to the other processing conditions in the case
of a 3 cm shallow bed. This is shown by Figures 5.37 through 5.39. However, as
seen in those figures, the best performance was obtained with a. coal to magnetite
feed weight ratio of 1 to 2.
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5.5.4. The Effect of Processing Time
Processing time is defined here as the length of time at which the bed is in
a bubbling state. The results indicate that the processing time has different effects
on the cleaning performance for deep and shallow beds. The theoretical results
show that the time needed to reach steady state cleaning performance is longer in
the case of deeper beds. This effect is shown in Figure 5.40, indicating the effect of
increasing processing time on the partition curve. As observed in the same figure,
as the time increases from 30 to 120 seconds, the values of parameters GEp and
SGS decrease, and the slope of the partition curve increases. As explained in
Chapter 5.1.3, this is an indication of performance improvement. In contrast, as
the bed depth is decreased, the time to reach the steady state conditions will be as
short as 30 seconds in the case of a 3 cm shallow bed. This can be seen in Figures
5.23 and 5.24. As seen from those figures, as processing time increases the
conditions in the bed reach steady state, and the parameters GEp and SGS
approach an asymptotic more quickly with shallow beds. As shown in 5.41, the
experimental results also show a similar dependence on processing time. As
illustrated in Figures 5.14 through 5.17, the parameter GEp is shown as function
of bed depth for processing times of 30 and 60 seconds and coal to magnetite feed
weight ratios of 0.1 and 0.7. In those figures, it is observed that when the bed
depth is as low as 3 cm with the higher processing period, the performance is at
its best and thus the parameter GEp has the lowest value.
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5.5.5. The Effect of Magnetite Particle Size
Throughout this study, host material was angular grained magnetite. The
selection of the host material particle size can be based on the matching the
minimum fluidization velocities of the magnetite and coal. In order to prevent
either the magnetite or coal from becoming defluidized, the values ofUmf for the
two materials should be of the same magnitude. However, the best cleaning
efficiency is not necessarily obtained by exactly matching the two minimum
fluidization velocities. The theoretical results illustrated in Figures 5.10 and 5.11
suggest that improved performance will be obtained with the minimum
fluidization velocity of the magnetite slightly larger than that of the coal. As
shown in Table 5.8, the minimum fluidization velocities of the -140 +200 and
-200 +325 mesh magnetites are 0.6 cm/s and 1.1 cm/s respectively. The
minimum fluidization velocity of the -140 +325 mesh Rushton coal is 0.4 cm/s.
The experimental results also show better performance for the case of -140 +325
mesh coal and -140 +200 mesh magnetite compared to the case of -140 +325
mesh coal and -200 +325 mesh magnetite. The performance values such as sulfur
and ash removal efficiencies for those cases are listed in Tables 5.21 and 5.22.
5.5.6. The Effect of Coal Type and Particle Size
In this study, experiments and analyses were performed with -50 +80,
-80 +140, -140 +325 mesh Rushton and Upper Freeport coals. Properties of
tested size fractions of these coals were presented in the Tables 5.1 through 5.7
along with the washability data.. Experimental results under optimum operational
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conditions are given for the tested size fractions of Rushton and Upper Freeport
coals in Table 5.37..
As shown in Figures 4.1 through 4.6 and by Figures 5.4 through 5.9, both
-50 +80 and -80 +140 mesh coals showed very similar coal cleaning behavior.
The vertical distributions of coal, sulfur and ash in the bed were comparable to
each for these cases. In contrast, as illustrated in Figures 5.42 through 5.47, the
-140 +325 mesh coal did not show the same kind of behavior. The cleaning
performance of the experiments was relatively poor compared to that previously
obtained with the -50 +80 and-80 +140 mesh coals, and a· relatively large
difference between theoretical and experimental performance was found for the
-140 +325 mesh coal particles. The bed, in the case of the -140 +325 mesh coal
experiments, had a radically different appearance than was seen with the coarser
sizes. Slugging and gas channeling occurred instead of well defined bubbling. The
author believes that the poor quality of fluidization occurring with the -140 +325
mesh coal was at least in part responsible for the low measured values of cleaning
efficiency.
In Figures 5.25 through 5.34, a comparison between the sulfur and ash
removal efficiencies was presented along with theoretical results for all the coal
types and sizes tested. As shown in those figures, the -50 +80 and -80 +140
mesh coals showed similar behavior with high cleaning efficiencies, although the
maximum level of removal efficiency for -80 +140 mesh coal was slightly lower
than that of the -50 +80 mesh coal. As observed in Figure 5.48, the -80 +140
mesh Rushton and Upper Freeport coals gave approximately the same removal
efficiencies when the fluidized bed separator was operated at the optimum
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superficial gas velocities. By using the results obtained previously, it can be
concluded that the best performance on sulfur and ash removal was achieved as
the superficial air velocity was chosen between 1.75 and 2.75 times Umfm• But the
optimum value of UO/Umfm changes depending on the particle size of coal and
coal to magnetite feed weight ratio. This is shown in Figure 5.49.
Figure 5.50 shows the maximum sulfur and ash removal efficiencies as a
function of coal particle size. As illustrated in that figure, as the particle size
increases, the performance of coal cleaning process improves. In addition, a.
comparison of the theoretical and experimental results for the size fractions of coal
tested under optimum operating conditions is given by Table 5.36.
In Figure 5.51, the optimum values of parameter GEp were plotted
against the coal to magnetite feed weight ratio under the optimum process
variables. As seen in that figure, the -80 +140 mesh Rushton and Upper
Freeport coals showed similar values of parameter GEp. Also as mcoal/mmag
increased from 0.1 to 0.7 and as the coal particle size changed from finer to
coarser, the value of GEp decreased, indicating improved performance.
In Figures 5.52 and 5.53, the effects of coal and magnetite particle size and
density on sulfur removal efficiency can be observed. In those figures, the
comparison of experimental and theoretical results is based on the Geldart particle
classification. As observed in Figure 5.52, -50 +80 and -80 +140 mesh coals are
typical Gerldart group B materials while the -140 +325 mesh coal falls within
Geldart's group A. As shown in Figure 5.53, all three types of magnetites are
Geldart group B materials. As explained in Chapter 3.4, Kozanoglu's computer
model of fluidized bed behavior is based on group B behavior. In this group, bed
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expansion is small and bubbling occurs slightly above minimum fluidization
veiocity. In contrast, powders in group A show considerable bed expansion
between the minimum fluidization and minimum bubbling velocity. These powders
are also slightly cohesive and at higher velocites slugging tends to occur. In the
case of the -140 +325 mesh coal experiments, behavior typical of group A
powders was observed. ~lugging and gas channeling occured instead of well defined
bubbling and this resulted in poor quality fluidization. As a result, the
performance of the experiments was found to be low and a relatively large
difference between the experimental and theoretical performance occurred since
the theoretical calculations were based on a bubbling bed model.
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5.6. Theoretical Results and Comparison of Model Predictions with the
Experiments
As shown in Tables 5.30 and 5.31 and by Figures 5.12, 5.13, 5.21, and
5.22, the -80 +140 mesh size Upper Freeport and Rushton coal computer runs
indicated a strong variation of performance with coal to magnetite feed weight
ratio in the case of 7 and 12 cm deep beds. However, in the case of shallow bed,
the results are insensitive to coal to magnetite feed weight ratio. Additionally, the
model predicted that cleaning performance could be improved with processing
times (see Figure 5.40). But for a 3 cm bed, close to steady state conditions occur
with processing times as short as 30 seconds (see Figures 5.23 and 5.24). At these
optimum operating conditions, the computer simulation indicates that GEp is in
the 0.15 to 0.20 range, SGS varies from 2.0 to 2.5 and Ep has the values between
0.25 and 0.40. As observed in Figure 5.13 for the case of a 3 cm bed, the model
results suggest a value of mcoal/mmag=0.70 with the optimum ratio of
UO/Umfm in the range of 1.75 to 2.75. For the other coal types and sizes, the
computer runs showed similar results. Based on this, the remaining experiments
were carried out with these optimum operating conditions.
Comparisons between theory and experiments, such as those in Table 5.32
through 5.36, by Figures 4.1 through 4.6 and in Figures 5.4 to 5.9, verified that
the theoretical results from the computer model were in good agreement with the
measured values of coal, sulfur and ash concentrations in the bed, percent sulfur
and ash reductions, and probable error of separation for all types of coal except
the case of -140 +325 Upper Freeport coal. In this finer size of coal cleaning
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experiments slugging and spouting were observed. Because the computer code is
based on a bubbling bed model, it cannot take into account the slugging and
spouting effects observed to occur with the -140 +325 mesh coal.
Figures 5.25, 5.26, 5.29 and 5.32. show the good agreement between the
model predictions and the experimental results on sulfur and ash removal
efficiencies depending on the UO/Umfm ratio for -50 +80 mesh Rushton and
-80 +140 mesh Rushton and Upper Freeport coals. To provide a consistent
comparison, all of the results are shown for an 85% Btu recovery, processing time
of 30 seconds, bed depth of 3 cm and mass coal to mass magnetite ratio of either
0.7 or 0.1.
Under the optimum operating conditions, both theoretical and
experimental results were compared for all of the coal types and sizes tested in
Table 5.36. Results indicates that the model predictions for particle size smaller
than 30 mesh and larger than 140 mesh are in very good agreement with the
experimental results. For the particle size smaller than 140 mesh, the model
overpredicts the sulfur and ash removal efficiencies because the computer code is
based on a bubbling bed model. These same results can be observed in Figures
5.52 and 5.53.
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Table 5.1. Properties of the tested size fractions of the coal [Part A ]
--------------_.----------_ .. -------.---------------_.------
Coal Type Forms of Th. Sulfur Ash Moislur. S02 Heating
and Size Organic Pyritic Total Concen. Value
( Mesh) (%) (%) (%) (%) (%) ( IbmlMBtu) ( Btu/Ibm)
.------_..
--------- ----.----
Rushton
·50 +80 0.62 1.74 2.53 26.00 0.74 4.51 11226
-80.140 0.56 2.40 3.09 28.64 0.81 5.33 10436
·140 +325 1.09 1.63 3.05 31.56 0.93 6.09 10516
Upper Freeport
-so .80 1.43 1.00 2.49 19.86 0.98 4.03 12311
·80.140 1.01 1.06 2.13 17.40 1.00 3.43 12400
·140 +200 1.67 0.46 2.13 23.06 1.02 3.68 11559
·200.325 2.02 0.46 2.48 27.34 1.03 4.59 10813
·140 +325 1.63 0.62 2.30 28.06 1.02 4.29 10699
------------_._.--_ ... -- .. -----------------------_._.---------
Table 5.2. Properties of the tested size fractions of the coal [ Part B ]
Size
[mesh]
Mean Particle
Diameter
hun]
Umf
[ Ref.18]
[emfa]
Umf
[em/s]
Umb
[cm! s]
·30+50 450
-50+80 240
-80+140 143
-140+325 75
Upper Freeport Coal
Rushton Coal
- 30+50
·50+80
·80+140
-140+325
450
240
143
75
'---'-'_._._-._--._._---_._.-
6.6 5.4 7.5
1.8 2.0 3.0
0.5 0.7 1.1
0.2 0.4 0.5
5.6 6.3
1.3 1.8
0.6 1.0
0.25 0.4
----------------_._ ..-...----------_._._-------_._._.-
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Table 5.3. Washability analysis of -50 +80 mesh Rushton coal
.................-................--_.............._........_--......-.••••......
Gravity Mass Ash Sulfur Heating Value
Sink Float Fraction ( Wl%) ( Wl%) (Btu lib)
(Wl%)
---------- ----_.-. ---- ------- -----------.-
1.300 31.07 2.64 1.12 15430
1.300 1.400 21.63 9.00 1.48 14216
1.400 1.600 11.05 21.99 2.05 11879
1.600 1.800 6.16 42.86 2.23 8273
1.800 2.000 4.13 5~.33 2.31 5932
2.000 2.450 8.62 72.65 2.80 3099
. 2.450 2.900 12.46 86.35 3.74 797
2.900 4.87 62.88 38.28 2571
..__..--_...•.......•.....•.....•••.•...._-••..........•......-......-.....--.....
Table 5.4. Washability analysts of - 80 +140 mesh Rushton coal
...._-.••••....•...-.•••....••...._.....-..•••.......••.__.__..........-_........
Gravity Mass Ash Sulfur Heating Value
Sink Float Fraction ( Wl%) (Wl%) (Btu lib)
(wt%)
--------_._..
----------
---._--- -------- ----------_.-
1.300 33.80 2.53 1.09 15399
1.300 1.400 20.66 8.23 1.41 14304
1.400 1.600 12.65 18.38 1.80 12525
1.600 1.800 5.53 36.70 2.38 9218
1.800 2.000 4.64 52.09 2.60 5960
2.000 2.450 7.35 70.34 3.16 3455
2.450 2.900 4.62 63.09 38.00 3151
2.900 10.59 85.36 3.84 928
-_......-_........................................__.......__......•.......•....--
Table 5.5. Washablilty analysis of - 50 +80 Mesh H. U. Freeport Coal
.._-----_......_...-_...................._..••••...._._.._••.....•_........_..._.
Gravity Ma.s Ash Sulfur Heating Value
Sink Float Fraction (Wl%) (Wl%) (Btu lib)
(Wl%)
----- ----
--
---------
1.300 38.04 2.20 0.78 15340
1.300 1.400 23.29 8.53 1.25 14257
1.400 1.600 12.65 18.38 1.80 12525
1.600 1.800 3.99 30.50 3.18 10214
1.800 2.000 1.89 44.90 4.78 7655
2.000 2.450 2.59 60.19 7.11 5058
2.450 2.900 11.87 86.23 2.06 638
2.900 5.67 72.81 21.11 2275
•..........•........••.__......-..................................................
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Table 5.6. Washability analysis of - 80 + 140 mesh U. Freeport coal
----_..._.._.._. __._..••........_.-..__...._....__._.-.__.__.......-...........--
Gravity Mass Ash Sulfur Heating Value
Sink Float Fraction ( wt%) ( wt%) (Btu lib)
(wt%)
--_._...._._._..
------- --_.._--
---------
----_..._---...
1.300 32.69 2.20 0.68 15350
1.300 1.400 26.55 6.66 0.93 14551
1.400 1.600 12.92 15.99 1.45 12876
1.600 1.800 5.56 25.86 2.07 11063
1.800 2.000 3.27 37.87 2.61 8928
2.000 2.450 2.83 57.69 6.61 5553
2.450 2.900 11.84 84.76 1.60 322
2.900 4.34 69.74 24.73 2714
Table 5.7. Washability analysis of -140 + 325 mesh U. Freeport'coal
.....--....._--_.....-........•......_-_....•••..........__..-..--_.............---
Gravity Mass Ash Sulfur Heating Value
Sink Float Fraction (wt%) ( wt%) (Btu lib)
(wt%)
-----_.._------ -------_..
..- ...._.. ......_-_.. .-........_...----
1.300 40.43 1.92 0.67 15305
1.300 1.400 21.95 7.47 0.92 14396
1.400 1.600 11.29 18.13 1.46 12501
1.600 1.800 4.06 28.31 2.12 10708
1.800 2.000 2.05 43.10 3.34 7975
2.000 2.450 2.59 57.86 5.09 5382
2.450 2.900 11.42 87.96 1.51 487
2.900 6.20 74.91 20.33 2155
Table 5.8. Properties of angular grained magnetite
----_ ..._.--- ... -------_ ... -_.- .... -----------------
Size Mean Particle Umf Umf Umb
Diameter [Ref. 18 ]
[m••h] [JUn ] [emfa] [emf. ] [emf a]
--------_..
-50.+60# 274 6.6 9.0
-60.+ 70# 230 4.3 5.9
-70.+80# 196 3.8 3.5 4.7
-80. + 100 # 165 3.5
·100.+120# 138 2.3 2.3 3.2
·120.+140# 116 1.3 1.5 2.0
·140.+200# 90 1.2 1.1 1.6
·200.+325# 60 0.7 0.6 1.0
+325# <45 0.5
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Table 5.9 Experiments with. -50 , +80 # Rushton Coal
-100, +120 # magnetite
--------------------------------------------------------------------
Experiment
No: mC/D1m mm Uo/Umfm Bed Depth[cm] t (5)
----------------- ------------
---------------- -------------------
2-05-91-02 0.10 12 2.2 7 60
2-07-91-04 0.10 12 2.5 12 30
2-08-91-05 0.10 12 2.5 12 600
2-05-91-03 0.10 12 1.6 3 30
7-15-91-54 0.10 12 2.0 3 30
7-15-91-55 0.10 12 2.2 3 30
8-01-91-57 0.10 12 2.5 3 30
5-02-91-21 0.70 6 1.7 3 30
4-01-91-18 0.70 6 2.0 3 30
3-27-91-17 0.70 6 2.5 3 30
2-08-91-06 0.70 6 2.5 3 30
4-01-91-19 0.70 6 3.2 3 30
2-11-91-07 0.70 6 2.5 12 30
2-12-91-12 1.60 3 1.25 3 30
3-25-91-13 1.60 3 1.25 3 30
2-11-91-08 1.60 3 1.96 3 30
3-26-91-14 1.60 3 1.96 3 30
5-06-91-24 1.60 3 2.35 3 30
8-01-91-59 1.60 3 2.35 3 30
5-07-91-25 1.60 3 2.90 3 30
-------------_._._._._._--------------------------------------------
100
--------------------------------------------------------------------
2-12-91-11 5.70 1 1.25 3 30
2-12-91-12 5.70 1 1.56 3 30
3-26-91-15 5.70 1 1.56 3 30
2-11-91-09 5.70 1 1.96 3 30
3-26-91-16 5.70 1 1.96 3 30
5-03-91-22 5.70 1 2.35 3 30
5-03-91-23 5.70 1 2.74 3 30
8-01-91-58 5.70 1 2.74 3 30
---------------------------------------------------------------------------------------------
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Table 5.10. Experimental Results with coal: - 50 +80 # Rushton
magnetite: -100, +120 #, mm=12 (Mcoall Mmag= 0.1)
time=30 s, bed depth= 3 cm
..._-....--_...••......_-_........__...-------..-_.__......__..••............._-
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[at energy recovery ]
- ----- --- ----- -----
2-05-91-03 1.6 62 55 41 57 48 37
7-15-91-54 2.0 65 56 42 62 54 42
7-15-91-55 2.2 63 54 40 61 53 38
8-01-91-57 2.5 62 55 41 59 49 34
•.....••..__..-•....••.....-......-_.......••...._....--_.._--..._...-....-_....
Table 5.11. Experimental Results with coal: - 50 +80 # Rushton
magnetite: -100, +120 #, mm=6 (Mcoall Mmag= 0.7)
time=30 s, bed depth= 3 cm
.....__..•-_...........-_....-...._---.----_.....__.•.......--.....__............
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[at energy recovery ]
------ --- ---- ----
5-02-91-21 1.7 46 39 28 43 37 26
4-01-91-18 2.0 67 64 56 66 63 55
2-08-91-06 2.5 70 67 64 64 62 57
3-27-91-17 2.5 65 62 57 64 61 56
4-01-91-19 3.2 50 45 38 45 38 32
....--....----...........-.....-------..._----.....-----_.._---..__._.-..---_.-..-
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Table 5.13. Experimental Results with coal: - 50 +80 H Rushton
magnetite: -100, +120 H, mm-1 (Mcoall Mmag- 5.7)
time-30 S, bed depth- 3 em
....•.••...__.••......••.....•••......••.....•....•..••--_•.•........•......•...-
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[at energy recovery ]
2-12-91-11 1.25 33 26 18 31 22 16
2-12-91-10 1.56 49 41 28 46 37 22
3-26-91-15 1.56 57 53 38 53 45 32
2-11-91-09 1.96 65 57 45 60 54 43
3-26-91-16 1.96 64 56 44 60 54 43
5-03-91-22 2.35 58 48 32 53 38 30
5-03-91-23 2.74 68 61 53 67 59 48
8-01-91-58 2.74 72 67 60 73 68 57
.......................--..................-...............-_......-............--
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Table 5.14. Experiments with - 80, + 140 Mesh Rushton coal
-120, + 140 Mesh Magnetite
--------------------------------------------------------------------
Experiment
No: mc/mm DUD Uo /Umfm. Bed Depth[cm] t (8)
----------------- ------------
-------- ---------------- -------------------
5-17-91-26 0.70 6 1.4 3 30
5-20-91-27 0.70 6 1.8 3 30
8-08-91-69 0.70 6 1.8 3 30
5-20-91-28 0.70 6 2.2 3 30
5-21-91-29 0.70 6 2.6 3 30
5-21-91-30 0.70 6 3.2 3 30
5-22-91-31 0.70 6 3.8 3 30
5-22-91-32 1.60 3 1.4 3 30
5-22-91-33 1.60 3 1.8 3 30
8-09-91-70 1.60 3 1.8 3 30
5-22-91-34 1.60 3 2.2 3 30
5-22-91-35 1.60 3 2.6 3 30
5-22-91-36 1.60 3 3.2 3 30
5-23-91-37 1.60 3 3.8 3 30
5-23-91-38 5.70 1 1.4 3 30
5-23-91-39 5.70 1 1.8 3 30
5-23-91-40 5.70 1 2.2 3 30
8-10-91-71 5.70 1 2.2 3 30
5-24-91-41 5.70 1 2.6 3 30
5-24-91-42 5.70 1 3.2 3 30
5-24-91-43 5.70 1 3.8 3 30
---------------_._. __ ... ---_ ... -_ .... ---_._----_._-------------_ .. --
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Table 5.15. Experimental Results with coal: - 80 +140 # Rushton
. magnetite: -120, +140 #, mm...6 (Mcoall Mmag... 0.7)
time...30 5, bed depth... 3 cm
..............--_........-..............-......•....................•.......-....
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95%' 85% 90% 95%
[at energy recovery ]
-----------_.
------
5-17-91-26 1.4 60 55 43 44 37 24
5-20·91·27 1.8 59 56 47 50 43 32
8-08·91-69 1.8 61 56 49 52 46 37
5-20-91-28 2.2 57 54 45 50 43 35
5-21-91-29 2.6 56 52 45 48 41 34
5·21-91-30 3.2 49 43 38 35 29 23
5-22-91-31 3.8 40 35 26 28 21 16
•......................................-_..........-........_...........--.....---
Table 5.16. ,Experimental Results with coal: - 80 +140 # Rushton
magnetite: -120, +140 N, mm=3 (Mcoall Mmag= 1.6)
time-30 s, bed depth... 3 cm
..........-_.........•...•....•••..........•.._..............•.....-.........-...
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[at energy recovery ]
----------
-----
5-22-91·32 1.4 55 47 33 41 34 25
5-22·91-33 1.8 60 57 48 51 47 36
8-09·91·70 1.8 54 50 43 45 42 32
5·22·91·34 2.2 59 54 48 49 45 35
5·22·91-35 2.6 53 49 43 43 39 30
5·22·91-36 3.2 43 39 32 41 37 31
5·23-91-37 3.8 38 34 29 27 20 16
...................................--...-_...............-....__._-_........-..-.
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Table 5.17. Experimental Resultswith coal:-80 +140 # Rushton
magnetite: -120,+140 #,mm=1 (Mccall Mmag= 5.7)
. time=30 s, bed depth= 3 cm .
Table 5.18. Experiments with -140, + 325 Mesh Rushton coal
,-170, + 325 Mesh magnetite
.. -.. _---- .... -.... -..... ------ ...._-- ... --- .. -_ .. ----._--.
Experiment
No: mc/mm mm Uo/Umfm Bed Depth[cm] t (5)
----------------- ------------ -----.---------- ----.--------------
7-29-91-60 0.70 6 1.5 3 40.
7-30-91-61 0.70 6 2.0 3 40
7-30-91-62 0.70 6 2.5 3 40
7-31-91-63 0.70 6 3.0 3 40
7-31-91-64 5.70 1 1.5 3 40
8-01-91-65 5.70 1 2.0 3 40
8-01-91-66 5.70 1 2.5 3 40
8-01-91-67 5.70 1 3.0 3 40
...... -_._. __ ._._._----------------------_._ .._---- ...._-_.-
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Table 5.19. Experiments with -140, + 325 Mesh Rushton coal
-140, + 200 Mesh m.agnetite
Experiment
No: mc/mrn mm Uo/Umfm. Bed Depthlcml t (5)
----------------- ------------ -------- ---------------- -------------------
8-12-91-72 0.70 6 1.5 3 40
8-12-91-73 0.70 6 2.0 3 40
8-13-91-74 0.70 6 2.5 3 40
8-14-91-75 0.70 6 3.0 3 40
Table 5.20. Experimental Results with coal: - 140 +325 # Rushton
magnetite: -140, +200 #, mm=6 (Mcoall Mmag= 0.7)
time=40 s, bed depth= 3 cm
...._--_.............................-•......--_......-_..........-.............
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[ at energy recovery ]
-- --- ----
-----
8-12-91-72 1.5 26 18 14 27 19 15
8-12-91-73 . 2.0 25 18 13 22 16 11
8-13-91-74 2.5 24 17 13 20 15 10
8-14-91-75 3.0 21 16 10 19 14 9
_......_----_....._....._-----_...._--_._._---_....._---------_._--...._._-------
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Table 5.21. Experimental Results withcoal:-140 +325 # Rushton
magnetite: -170,+325 #, mm=6 (Mcoall Mmag= 0.7)
and mm::1 ( Mcoall Mmag= 5.7), time=40 s, bed depth= 3 cm
------_.--------------.------.------_._------------------------_...._------------
Ash RemovalExperiment
Number
Uo/Umfm·
Sulfur Removal
85% 90% 95% 85% 90%
[at energy recovery 1
95%
Mcoall Mmag = 0~7
7-29-91-60 1.5 17· 12 8 18 13 8
7-30-91-61 2.0 20 14 10 19 13 9
7-30-91-62 2.5 18 13 9 17 11 8
7-31-91-63 3.0 18 12 9 17 10 7
Mcoall Mmag =5.7
7-31-91-64 1.5 16 11 7 16 11 7
8-01-91-65 2.0 16 11 8 17 12 7
8-01-91-66 2.5 "17 12 9 18 12 8
8-01-91-67 3.0 18 12 10 19 13 10
---...---...-----_._._......-.._----..-_._._-_....__.-..------_._._._------._-----
Table5.22 Size distribution of - 140, + 325 mesh coal tested
-- --_ -_ ---..- - -_ ---_ __ _-_..- _--------_..-- .
Average Particle Rushton Helen Upper
Coal Size Diameter Coal Freeport Coal
[mesh] [p.m] [Weight %] [Weight %]
------_._----
..._--_.••.....•••----
-----------_.-
..._--------_._._-
-140, +170# 98 17.5 41.0
-170, +200# 82 32.6 29.2
-200,+230# 68 16.9 12.7
-230. +325# 53 26.5 13.6
-325# 44 6.5 4.5
Total: 100 % 100 %
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Table 5.23. Experiments with -50 +80 mesh Upper Freeport coal
and -100 +200 mesh magnetite
----------------------------------------------------------------------------------------------Experiment
No: mc/mm mm Uo/Umfm Bed Depth[cm] t (s)
----------------- ------------
--------
---------------- -------------------
10-1-91-84 0.60 6.44 2.0 5 8
10-1-91-85 0.60 6.44 2.0 5 14
9-10-91-77 0.60 6.44 2.0 5 20
10-1-91-87 0.60 6.44 2.0 5 26
Table 5.24. Experimental Results with coal: - 50 +80# Upper Freeport
magnetite: -100, +200 #, mrn=6.44 (Mcoall Mmag= 0.60)
UO/Umfm=2.0, bed depth= 5 cm
._-------------------------------------------------------._---------------------Experiment Sulfur Removal Ash Removal
Time
Number 85% 90% 95% 85% 90% 95%
(s) [ at energy recovery ]
--- -- --- -----
10-1-91-84 8 37 31 24 35 28 22
10-1-91-85 14 46 39 33 43 36 30
9-10-91-77 20 49 42 34 50 44 35
10-1-91-87 26 52 44 35 52 45 35
---------------------------------------------.------------_...-------------------
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Table 5.25. Experiments with - 80, + 140 mesh H. Upper Freeport coal
-120, + 140 mesh magnetite
------------------------------------------------------------------.-
Experiment
No: mc/mm mm Uo/Umfm Bed Depth[cml t (5)
---------------- ----------- --------------- ------------------
7-17-91-44 0.70 6 1.5 3 30
7-17-91-45 0.70 6 1.8 3 30
7-17-91-46 0.70 6 2.2 3 30
7-18-91-47 0.70 6 2.6 3 30
7-18-91-48 0.70 6 3.0 3 30
7-18-91-49 5.70 1 1.5 3 30
7-19-91-50 5.70 1 1.8 3 30
7-19-91-51 5.70 1 2.2 3 30
7-20-91-52 5.70 1 2.6 3 30
7-20-91-53 5.70 1 3.0 3 30
-----------.---------.-.-.----.--------.---._---._---.---------------
Table 5.26. Experimental Results with coal: - 80 +140 # H. U. Freeport
magnetite: -120, +140 #, mm=6 (Mcoall Mmag= 0.7)
time=30 S, bed depth= 3 cm
....---.........--...-....-----.---........---....-_..............--....._---_...
Experiment Sulfur Removal.(%) Ash Removal.(%)
Uo/Umfm
Number 85% .90% 95% 85% 90% 95%
[at energy recovery ]
---
.._--- --_...
7-17·91-44 1.5 50 43 35 47 42 29
7-17-91-45 1.8 58 54 45 61 55 43
7-17-91-46 2.2 55 51 42 56 53 42
7-18·91-47 2.6 53 48 41 54 47 39
7-18-91-48 3.0 46 38 34 42 36 30
.............-..._....-_.........-.........--...--....--_._.-....--_....._----_.
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Table 5.27. Experimental Results with coal: - 80 +140 # H. U. Freeport
magnetite: -120, +140 #, mm=1 (Mcoall Mmag= 5.7)
time=30 s, bed depth=3 em
Table 5.28. Experiments with -140, + 325 mesh H. Upper Freeport coal
-140, + 200 mesh magnetite
--------------------------._._--------------------------------------
Experiment
No: mc/mm mm Uo/Umfm Bed Depthlcm] t (8)
----------------- ----------- .--------------- ------------------.
-140. +325 Mesh
9-23-91-78 0.70 6 1.5 3 30
9-24-91-79 0.70 6 2.0 3 30
-140. +200 Mesh
.9-24-91-80 0.70 6 1.5 3 30
9-25-91-81 0.70 6 2.0 3 30
-200. +325 Mesh
9-25-91-82 0.70 6 1.5 3 30
9-26-91-83 0.70 6 2.0 3 30
_.--_ .._------ __ ._._-----_._._ ----_._------ ..----._---- ..
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Table 5.29. Experimental Results with coal: - 140 +325 # H. Upper Freeport
magnetite: -140, +200 #, mm-6 (Mccall Mmag- 0.7)
time-30 s, bed depth- 3 cm
.......---.............-....--_..........................._--....--_.•.•......•...•
Experiment Sulfur Removal Ash Removal
Uo/Umfm
Number 85% 90% 95% 85% 90% 95%
[at energy recovery I .
----- -- -- -- ---
·140 +325 Mesh
9-23-91-78 1.5. 37 28 20 24 18 14
9-24-91-79 2.0 29 24 18 29 23 16
·140 +200 Mesh
9-24-91-80 1.5· 25 20 15 27 23 18
9-25-91-81 2.0 28 22 18 22 17 13
·200 +325 Mesh
9-25-91-82 1.5 23 17 14 20 16 12
9-26-91-83 2.0 24 20 14 22 17 13
....---_..................--_...........................__•••...•••....•...........
Table 5. 30. Theoretical results with coal: - 80, + 140 # H. Upper Freeport
magnetite: -120, + 140 # under best performance conditions
-------------------------.-------.-----------.------------------
UO/Umfm GEp SGS Ep
Bed Depth Time Time Time
Meoall Mmag (a) (8) (9)
(em) 30 60 30 60 30 60
0.10 3 2.0 0.22 0.19 2.67 2.34 0.59 0.45
0.10 7 2.5 0.38 0.33 3.85 3.13 1.46 1.06
0.10 12 2.5 high 0.37 5.47 4.34 high 1.59
0.70 3 2.2 0.18 0.12 2.28 2.02 0.40 0.25
0.70 7 2.5 0.26 0.21 2.63 2.35 0.69 0.49
0.70 12 2.5 0.33 0.13 3.40 3.08 1.10 0.92
---------_.--------------._._-------------------------------------
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6. SUMMARY AND CONCLUSIONS
The results of the computer simulation and batch testing show the manner
in which the effectiveness of the cleaning performance depends on the
configuration of the fluidized bed and the process variables. Coal properties such
as coal size, density distribution and concentrations of sulfur, ash and Btu controls
the cleaning efficiency. Results show that if operated over the optimum range of
process conditions, an air fluidized bed can be used effectively to separate
liberated pyrite and minerals from fine sizes of coal. In the approach investigated
in this study, a mixture of crushed coal and magnetite is fluidized in a batch bed
at room temperature and operated at conditions slightly above the minimum
bubbling velocities. In a fluidized bed where particles of different sizes and
densities exist, as the bubbles move upward, the solids show a tendency to stratify
in the vertical direction [31]. In this case, the particle mixing and settling
processes in the fluidized bed can cause a separation between the clean coal and
its impurities. Then the clean coal moves to the free surface of the bed while the
highly liberated impurities become distributed vertically from top to bottom
throughout the bed. As a result of this stratification process, the pyrite and other
minerals of the coal at the top surface are reduced, resulting in a cleaning of the
coal.
Throughout this study, different size fractions of Rushton and Upper
Freeport coals were extensively studied to investigate the possible effects of the
process variables such as the settled bed depth, superficial air velocity, coal to
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magnetite feed weight ratio, processing time, particle size of the magnetite, and
coal particle size and type. On the basis of the presented results and discussions,
the following conclusions can be drawn:
• Both theoretical and experimental results indicate that as the bed depth
is reduced from 12 to 3 cm, a substantial increase in sulfur removal efficiency is
observed. For high cleaning efficiency, the fluidized bed should be operated with a
3 cm shallow bed.
• . Superficial gas velocities must be carefully selected in a certain range
for obtaining improved performance. The best cleaning efficiency was achieved
with the values of superficial air velocity in the range of 1.75 to 2.75 times Umfm.
• Removal efficiencies of ash and sulfur improve as the coal to magnetite
feed weight ratio was increased from 0.1 to 0.7 in the case of deeper beds. It was
found that the results were relatively insensitive to the feed weight ratio of coal to
magnetite in the case of shallow bed. However, the best performance was obtained
with a coal to magnetite feed weight ratio in a range of 1 to 2 in the case of a 3
cm shallow bed.
• In general, cleaning performance improves with increasing processing
time for both deep and shallow beds. However, conditions in the shallow bed reach
the steady state faster than that of deep bed. That is, the average efficiency
improvement rate is higher for shallow beds than for deeper beds. A processing
time as short as 30 seconds can show favorable efficiency in the case of a 3 cm
shallow bed.
• In order to prevent either the coal or magnetite from becoming
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defluidized, the selection of magnetite size should be based on the matching of the
minimum fluidization velocities of coal and magnetite. However, the best cleaning
efficiency is not necessarily obtained by exactly matching the two minimum
fluidization velocities. In this case, it is suggested that the magnetite with a
minimum fluidization velocity slightly larger than that of coal be selected.
• It is found that as the particle size increases, the performance of the
coal cleaning process improves. Similar cleaning performance was observed
Rushton and Upper Freeport coals. However, the maximum level of the reqioval
efficiency for -80 +140 mesh coal is slightly lower than that of -50 +80 mesh
coal. The results also indicate that -80 +140 mesh Rushton and Upper Freeport
coal give approximately the same removal efficiency when the fluidized bed is
operated at the optimum processing conditions: the bed depth of 3 cm, 30 seconds
of processing time, coal to magnetite feed weight ratio of 1 to 2 and the ratio of
superficial air velocity to minimum fluidization velocity of magnetite in the range
of 1.75 to 2.75. The computer simulations show that the generalized probable
parameter GEp is in the range of 0.15 to 0.21. But some variations in GEp are
observed with decreasing particle size. As a result it is concluded that coal particle
size between 30 and 140 mesh can be cleaned with high performance in a fluidized
bed separator independent of the type of coal when the sytem is operated within
the range of process conditions mentioned above. For coal particle size smaller
than 140 mesh, cleaning efficiency is considerably lower because of slugging.
Future studies should focus on the following concepts:
• More experiments should be performed with different types of coals and
coals which are very fine in size.
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• The effect of the magnetite size and sphericity of the magnetite may be
be factors to be determined.
• More work may be done on testing different processing times in order to
determine the effect of fluidization period on performance.
• Experiments with lower bed depths should be performed to reveal the
trends in the cleaning performance.
• Additional experiments for coal to magnetite feed weight ratio in the
range of 1 to 2 can be studied to optimize the performance of coal cleaning.
• Experiments on coal cleaning without the host material can be
performed in order to investigate the performance of the coal cleaning.
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APPENDIX A. Computer Programs
Appendix A.I. Computer Program for Calculating Sulfur and Ash Removals,
and Energy Recoveries from Experimental D~ta
. PROGRAM TIME2 IOUT1,TAPE2=OUT1)
PARAMETER In=6)
DIMENSION coalln),sulfln),ashln),btuln)
& ,sulrl n) ,ashrl n) ,bturl n) ,zell n)
tash=O.O
tbtu=O.O
tsul=O.O
DO 65 i=l,n
C READI5,lO) coalli)
C READI5,ll) sulfli)
C READI5,12) ashli)
C READI5,13) btuli)
C READI5,14) zelli)
C 10 FORHATl//,lOX,F6.2)
C 11 FORHATI//,23X,F5.2)
C 12 FORHATI//,36X,F5.2)
C 13 FORHATI//,51X,F5.0)
C 10 FORHATI/,/,11X,F5.2)
C 14 FORHATI//,F5.3)
c....
COAL(1)=84.52
COALl 2 )=55.67
COALl3 )=32.53
COAL(4)=24.71
COALl 5 1=24.24
COALl6 )=0.000
c.....
SULFll)=2.46
SULF(2)=2.41
SULF(3)=2.46
SULF(4)=2.41
SULFI5J=3.87
SULFI61=0.000
c .
c....
ASH(1)=27.41
ASH(2)=26.68
ASH(3)=26.86
ASH(4)=27.18
ASH(5)=39.87
ASH(6)=0.000
BTU(1)=11053
BTUIZ)=11132
BTU(3)=11100
BTUI4)=11053
BTU(5)=9453
BTU(6)=0.000
c .
tsul=tsul+sulfli)*cOalli)
tash=tash+ashli)*coalli)
tbtu=tbtu+btuli)*cOalli)
65 CONTINUE
c .
rsul=O.O
rash=O.O
sbtu=O.O
c ....
DO 70 i=l,n
rsul=rsul+coalli)*sulfli)
rash=rash+coall i )*ashl i )
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c ••••
sbtu=sbtu+coallil*btulil
sulrlil=ltsul-rsull/tsul
ashrli)=ltash-rash)/tash
bturli)=sbtu/tbtu
70 continue
c .
c .
ze1l1 )=0.000
zell Z)=0 .000
ze1l3 )=0.000
ze1l4 )=0.000
ze1lS)=0.000
ze1l6 )=1. 000
c .
c .
BTUR",/)
BTUR",/)
SULF
ASHR
ASHR
COAL
ASH SULR
ASH SULR
BTUR
ASHR
SULF
SULF
ASHR
SULR
COAL
COAL
SULR
HRITElZ,90)
9'c10RHATl" Z/L
90 FORHATl" Z/L
90 FORHATl"
.& ASH",/)
90 FORHATl"
DO 85 i=l,n
HRITElZ,80) COAL\I),SULFlI),ASHlIl,I
&,BTURlI)
HRITElZ,75) SULRlI),ASHRlI),BTURlI),I
75 FORHATl/,4X,3lF6.3,6X),3X,Il)
80 FORHATl/,4X,3lF7.3,3X),3X,Il)
as CONTINUE
END
C
C
C
C
C
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Appendix A.2. Computer Program for Calculating Sulfur and Ash Removals,
and Energy Recoveries Using Volumetric Coal Concentrations in the Emulsion
Phase from the Batch Code
c
c
c
C
C
PROGRAM TIMEZlHORK1,coalout,TAPE5=HORK1,TAPEZ=coaloutJ
PARAMETER In=15 J
PARAMETER lm=SJ
DIMENSION rotlSJ,sl15,SJ,ssl15J,sulSJ,aslSJ,btulSl
&,caveln,m1,toplm1,denomln1,sulln1,ashln1,coallnl,sulrln1
&,ashrl n 1,bturln1,sulain1,ashaln1
DO 65 1=l,n
READ15,701 CavelI,11,caveli,ZJ,caveli,31,caveli,41,caveli,51
&,caveli,61,caveli,7J,caveli,Sl,kk
do 64 jjj=l.m
TOPljjj1=TOPljjj1+CAVEl1,jjjJ
64 continue
65 CONTINUE
70 FORHATISlFS.6,lx1,lX,1Z,/J
rotl11=1.30
rotlZJ=1.40
rotI31=1.60
rotI41=1.S0
'rotI51=Z.00
rotl6J=2.45
rotI7J=2.90
rotIS1=3.10
roj=5.Z
do 19 i=l,n
over1=1.0
overZ=O.O
ssli1=1.0
do 30 jJJ=l,m
over1=over1-caveli,jjj1
overZ=overZ+caveli,jjjJ*rotljjj1
30 continue
do 31 jjj=l,m
sli,jjjJ=lcaveli,jjj1*rotljjj11/lover1*roj+overZ1
iflsli,jjjJ .It. O.OJ sli,jjjJ=O.O
ssli1=sslil-sli,jjj)
31 continue
19 continue
c
c
su(1)=0.6S
su(2)=0.93
. suI31=1.45
suI41=2.07
suI51=Z.61
su(6)=6.61
su(7)=1.60
suIS)=Z4.73
8s(1)=2.20
8s121=6.66
8s(3)=15.99
8s141=25.86
8s(5)=37.87
8sl&)=57.69
85(7)=84.76
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c
c
c
c
c
c
C
c
c
c
c
c
c
c
as(8)=69.74
. btull )=33.96
btuI2J=32.20
btu(3)=28.49
btu(4)=24.48
btuISJ=19.7S
btu(6)=12.28
btu(7)=0.712
btu(8)=6.00
btuo=O.O
asho=O.O
suIo=O.O
weight=O.O
coalo=O.O
HRITEI2,72)
72 FORHATII'," coal suI ash suir ashr btur sula asha i",&1'1',"=======================================================",I'I'J
H=12.0
dh=HI'15
at=182.41469
do S07 i=l,n
do 601 jjj=l,m
btuo=btuo+at*dh*caveli,jjj)*rotljjj)*btuljjj)
coalo=coalo+at*dh*caveli,jjjJ*rotljjj)
sulo=sulo+at*dh*caveli,jjj)*rotljjjJ*suljjj)
asho=asho+at*dh*caveli,jjj)*rotljjjJ*asljjjJ
weight=weight+at*dh*caveli,jjjJ*rotljjjJ
601 continue
S07 continue
do SOO i=l,n
denomliJ=O.O
su1( i J=O.O
ashli)=O.o
do 602 jjj=l,m
denomli)=denomliJ+sli,jjj)
602 continue
ifldenomli) .1t. 0.0000001) go to SOS
do 603 jjj=l,m
sulliJ=sulliJ+suljjjJ*sli,jjjJ
ashliJ=ashliJ+asljjjJ*Sli,jjjJ
603 continue
sulliJ=sulliJl'ldenomliJ*100)
ashli)=ashli)l'ldenomliJ*lOO)
coalli)=denomliJ
go to SOO
SOS su1( i )=0.0
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ashlil=O.O
coal(iJ=O.O
500 continue
c
c
c
sr-ec=O.O
al"'8c=O.O
wr-ec=O.O
br-ec=O.O
c
c
c
c
c
c
do 508 i=l,n
l=n+l-i
do 604 jjj=l,msr-ec=sl"'8c+at~vell,jjjJ*r-otljjjl*suljjjJ
ar-ec=ar-ec+at*dh*Cavell,jjjJ*r-otljjjl*&sljjjJ
wr-ec=wr-ec+at*dh*Cavell,jjjl*r-otljjjl
br-ec=br-ec+at*dh*Cavell,jjjJ*r-otljjjJ*btuljjjl
604 continue
sulr-liJ=ltsulo/weightJ-lsr-eclweightJJ/lsulo/waightJ
ashr-liJ=llasho/waightJ-lar-eclweightJJ/lasho/weightl
btur-liJ=br-ac/btuo
sulatil=sr-eclsulo
ashalil=ar-ec/asho
508 continue
do 509 i=l,n
wr-iteI2,501J coaltiJ,sullil,ashlil,Sulr-lil,ashr-lil,bturliJ,
&sulalil,ashalil,i
501 FORHATI/,8IF6.4,2Xl,lX,I21
509 continue
END
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